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—— DISTRIBUTION OF STRUCTURAL PARAMETERS AND APPLICATION
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In order to study the chemical structure of coal, Yubari coal ( C : 86.1, H :
6.2, N:1.5,5:0.3, 0:5.9) was subjected to mild hydrogenation with red mud
catalyst under a reaction temperature of 400°C and 200 atm. of hydrogen pressure1L
Under these conditions, it was found from previous studies2) that the main reaction
of decrease of: the molecular weight is the cleavage of linkages of the structural
units and the decomposition of structural units is limited.

The hydrogenation was conducted in a 5L rotating autoclave with an inner vessel
set at a uniform temperature zone. The reaction time was changed 8 times from 26
to 206 min. ( exp. No. 502 - 509 ). The solvent soluble products were extracted
with n-haxane, ‘benzene and pyridine successively, which resulted in 5 fractions;
0i1-1 { n-hexane solubles at room temperature ), 0i1-2 { n-hexane solubles ex-
tracted by Soxhlet extractor ), asphaltene ( benzene solubles ), Py-1 ( pyridine
solubles at room temperature ), Py-2 ( pyridine solubles extracted by Soxhlet
extractor ). Regarding these hydrogenation reaction products, ultimate analysis,
high resolution proton NMR spectroscopy and molecular weight measurement were
carried out and the chemical reaction in Yubari coal in the course of hydrogenation
was followed. From the above, structural 3na1ysis of the average structural unit
of Yubari coal was conducted and reported3).

This was followed by fractionation of the o0il-2 ( Exp. No. 503, reaction time
: 206 min. ) which corresponds to the mixture mainly consists of monomers of
structural units3), by GPC and each fraction was measured for TH-NMR, 13C-NMR
spectra, molecular weight and ultimate compositions. The structural parameters
determined from the above fractions and the distribution of the structure of
structural units were studied. At the same time, attempts to apply 13C-NMR spectro-
scopy to the structural analysis of coal hydrogenation products was carried out in
this work.

RESULTS AND DISCUSSION

DISTRIBUTION OF STRUCTURAL PARAMETERS OF COAL HYDROGENATION PRODUCTS

For the fractionation of No. 503, 0i1-2 ( 503-0-2 ), 100 cm respectively of SG
-1 ( theoretical plates / foot-T.P.F. = 1250 ) { Shimadzu Seisakusho Ltd ) and SG-
2 ( T.P.F = 1360 g column were applied. CHC13 was used as the solvent, and the
eluent flow rate was set at 1.5 ml. / min.. The eluted sample was divided into 15
fractions -and the respective elution volume, yield ( against total eluted ), ultimate
composition and molecular weight were shown in Table 1. Elution after 440 ml was
colorless and it was recognized that elution was completed. .

The TH-NMR spectra of 503-0-2 and fractions separated from 503-0-2 were ob-
tained on a GEOL JNM-PFT-100 spectrometer and shown in figure 1. The determination
of chemical shifgs of various functiona® hydrogens was carried out after the method
of Bartle et al4) and hydrogen distribution was calculated from figure 1. The
percentage distribution of Ho, Ha, Ha in fractions separated from 503-0-2 by GPC
were shown in figure 2. Based on the values of Table 1 and from the. hydrogen



TABLE 1. - Yield, ultimate composition and molecular weight of fractions separated
from 503-0-2 by GPC

Fractionated Range of Yield Ultimate analysis MW,
elution volume

: sample No. ml. wt. % c H N 0 S (Mv)

503-0-2 - - 87.5 7.1 2.0 3.2 0.8 390
Fr. 3 ‘92 - 96 0.75 87.5 8.1 1.3 4.2 - 540 '

Fr. 4 97" - 100 2.51 88.4 8.2 1.1 3.9 - 930
Fr. 5 101 - 104 4.27 87.4 7.5 1.2 3.6 - 490
Fr. 6 105 - 108 7.54 87.8 8.2 1.3 3.6 - 670
Fr. 7 109 - 112 7.04 87.5 7.5 1.7 3.5 - 620
Fr. 8 113 - 116 8.54 8.7 7.6 1.7 4.1 - 540

Fr. 9 117 - 120 8.29 8.8 7.4 1.8 4.6 - 510
Fr.10 121 - 128 17.84 86.8 7.1 1.8 3.8 - 360
Fr.1 129 - 148 26.38 87.6 6.8 1.8 4.0 - 340
Fr.12 - 149 - 168 7.29 8.8 6.5 2.4 5.8 - 270
Fr.13 : 169 - 200 2.76 80.1 8.8 3.0 - - 250
Fr.14 201 - 252 1.76 - - - - 17.0 - 310
- 440 5.03 72.5 8.2 0.021.0 - 380

Fr.l5 253

TABLE 2. - Structural parameters of fractions separated from 503-0-2 by GPC

Samples fa Hau/ca  Ho/He oT : o
oCH3*!  ocal'*Z oCHp*3  ogo*4

Fr.12

503-0-2 0.69 0.75 1.2 y 0.40 0.04 0.23 0.08 0.05
Pe—— —

Fr. 4 0.57 . 0.61 2.8 0.45 0.32 0.03 0.10

Fr. 5 0.64 0.64 2.8 0.43 0.07 0.20 0.08 0.08

Fr. 6 0.59 0.66 3.4 0.45 0.08 0.22 0.08 0.08

Fr. 7 0.64 0.69 1.8 0.47 0.06 0.26 0.08 0.07

Fr. 8 0.63 0.71 " 2.0 0.47 0.06 0.24 0.10 0.08
Fr. 9 0.65 0.72 1.6 0.47 0.05 0.26 0.07 0.09

Fr.10 0.68 0.68 1.6 0.43 0.05 0.24 0.06 0.07

Fr.11" 0.72 0.72 1.1 0.39 0.05 0.23 0.05 0.07

0.76 0.75 1.1 0.34 0.06 0.16 0.04 0.09

*x1 Substitution by CH3 groups a to r1ngs

*2 Substitution by aliphatic chain’ (except*l)
*3 Substitution by CH2 groups a to two rings
*4 Substitution by oxygene containing groups

distribution calculated from figure 1, the structural parameters were calculated by
partially modified Brown-Ladner method3) and shown in Table 2. Regarding elution
by GPC, as seen in theoretical work and“experimental results conducted hitherto, it
was recogn1zed roughly that elution occurred in the order of high molecule to lower
molecules. Thus from the parameter Hau/ca which is inversely proportional to the
number of aromatic rings, a decrease of-the number of aromatic r1ngs in the order
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of Fr. 4, 5, 6 of the initial elution is seen whereas in Fr.7 - 11 an approximately
similar Hau/ca value is seen, namely, in Fr.7 - 11 which comprises the majority of
503-0-2 ( approx. 70% ) the aromatic ring size is approximately the same. There-
fore, while the aromatic rings of structural units of 503-0-2 show a slightly
sporadic presence, the majority is approximately the same and it may be surmized
that the aromatic rings of the original Yubari coal are unified.

APPLICATION OF 13C-NMR TO COAL HYDROGENATION PRODUCTS STRUCTURAL ANALYSIS

The 13C-NMR spectra of 503-0-2 and part of fractions which gave comparatively
large yield are shown in Fig. 3. For the measurement of these spectra a JEOL, JNM-
PFT 100 NMR spectrometer was applied. Decoupling of the protons was achieved with
decoupler and spectra was accumulated by repetition of scanning ( 10000 - 30000
times ) to improve the signal to noise ratio. .

13C-NMR spectra are greatly simplified a signal enhancement due to the oper-
ation of 13C-1H overhauser effect is possible. The magnitude of the overhauser
enhancement ordinarily differs for different 13C-Nuclei, and the spectra as is, .
generally can not be applied to quantitative analysis. Further the value of spin-
latice relaxation time (T1) shows different values with different 13C-Nuclei, and
in a quantitative analysis, it is necessary to take sufficient longer pulse repe-
tition time. In order to clarify the influense of the above two on the spectra,
the 13C-NMR spectra in measured by changing the repetition time of the pulse and
the ratio of Ca (aromatic carbon) against Cp (aliphatic carbon) is calculated
from the intensity of the spectra. This is shown in Table 3.

TABLE 3. - Ca/Cp ratio of Yubari coal hydrogenation products under various bu]se
repetition times

samples Pulse repetition Ca% Cp% Ca/Cp

time, sec.
Fr.11 - 0.8 0.668 0.332 2.0
Fr.1 2.0 0.655 0.345 1.9
503-0-2 1.0 0.615 0,385 1.6
503-0-2 1.5 0.649 0.351 1.9
503-0-2 2.0 0.635 0.365 1.7
503-A 1.0 0.689 0.311 2.2
503-A 1.5 0.689 0.311 2.2

From the esults in Table 3, with regard to the sample used in the present work,
no influence of the pulse repetition time was recognized or the Ca/Cp ratio, and at

‘0.8 sec of pulse repetition time already a quantitative spectra was obtained.

Regarding this it-has been stated that this 13C-1H overhauser polarization
might be eliminated by the presence of a paramagnetic species5). Inasmuch as a
free radical exsists in the sample used in the present work, it is surmized that
a similar effect .exsists.

Based on this, it is possible to make a direct calculation of aromaticity {fa')
using the spectra of Fig. 3. When this value and the fa value of Table 2 calculated
from the assumption of x=y=2 lead from 1H-NMR are compared the fa/fa' value in Table
4 are both in the vicinity of 1.2, this-indicated that the assumption x=y=2 is an
over estimation. In the case of Fr,10, if the following is taken namely if x=y=
1.5, fa is calculated as fa=0.60, which resembles fa' to a considerable extent.

In Fig. 3!‘the peaks are clearly identified the aromatic carbon (Ca) may be



subdivided into 4 species namely Caj, Dap, Ca3 and Cag while the aliphatic carbon
(Cp) may be subdivided into 9 species namely Cpy, Cpp, Cp3, Cpg, Cps, Cpg, Cpy, Cpg
and Cpg, while the data of the chemical shift in 13C-NMR is st111 insufficient, it
may be surmized from the data collectionb) that Cp4, Cp5, Cpg are intimately related
to the carbon of the chain 8 or father from ring Cpl, Cp2, Cp3,are closely related
to the a carbon atoms Cpg, Cpg is closely related to the end methyl carbon atoms of
the chains and Cp7 1s closely related to the a methyl carbon atoms.

TABLE 4. - Aromaticities of fractions separated from 503-0-2 by GPC

Samples fa*l fa'*2  fa/fa'

503-0-2 0.69 0.63 1.1
Fr. 8 0.63 0.63 1.0
Fr. 9 0.65 0.53 1.2
Fr.10 0.68 0.57 1.2
Fr.11 0.72 0.67 1.1
Fr.12 0.76 0.65 1.2

fa*] Calculated from JH-NMR spectra
fa*2 Calculated from 13C-NMR spectra

From the ratio of Cpy) - Cp3 and Cpg - Cpg, Cp8, Cpg the mean chain length is
obtained. This was compared with HO/Hax + 1 and presented in Table 5 as shown a
fairly good coincidence is seen. Further based on the above it may be surmized
that the assumption x=y is feasible. Still further since x and y have a value
close to 1.5 in the present sample, on the chain including the substitution on
the naphthenic ring there would be a considerable branching of the chain.

TABLE 5. - Average carbon numbers of chains on fractions separated from 503-0-2

by GPC _
Samples 503-0-2 Fr.8 Fr.9 Fr.10 Fr.N Fr.12
Ho/Ha + 1 2.2 3.0 2.6 2.6 2.1 2.1
Cp4-Cpg, Cpg, Cpg o
Cp1-CP3 1.8 2.0 2.0 1.5 1.9 2.2

For a still further detailed study of the chemical shift of the 13C-NMR spectra, ‘
it is the intent of the author to continue work along this line. \
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Devolatilization of Coal and Zinc Chloride - Impregnated
Coal in a Nitric Oxide Atmosphere

David M. Bodily, Sheldon H. D. Lee, Wendell H. Wiser
University of Utah, Salt Lake City, Utah
Introduction

Zinc chloride acts as a catalyst for the hydrogenation of coall»2. It has
been proposed as a coal hydrogenation catalyst in a number of processes, but
development of these processes has been hindered by corrosion and recovery problems
of the zinc chloride. Zielke, et.al.3,4 have reported on the catalytic activity of
massive amounts of zinc chloride for hydrocracking coal, coal extracts and poly-
nuclear aromatic compounds. Studies at the University of Utah5,6 have shown the
effectiveness of lesser amounts of impregnated zinc chloride for catalyzing coal
hidrogenat1on.~ Conversions of up to 85% were obtained at residence times estimated
tb be one to six seconds. Dry coal was rapidly heated in an entrained-flow reactor.
Coal is very reactive to hydrogenation in the presence of zinc chloride. However,

the mechanism of catalysis is not understood and is an important and interesting
problem for study.

Studies have shown that zinc chloride interacts with coal upon heating and
produces important structural changes7»8. Pyrolysis of ZnCl2-impregnated coals in
inert atmospheres results in dehydrogenation of hydroaromatic groups in the coal
and a decrease in the evolution of tars and gases. Hydrogen is evolved below
400°C when ZnC12 1s present, but not in the absence of ZnC12. The hydrogen has
been shown to come primarily from hydroaromatic groups. Dehydrogenation at
relatively low temperatures results in supression of tar and gas evolution at
higher temperatures. The.acidic properties of zinc chloride on the coal surface
disappear upon heating. Impregnated samples show large increases in surface area,
enlargement of the capillary pores and hydrogen chemisorption properties upon heat
treatment. The nature of intermediates formed by the ZnC12 during these reactions
is of interest because of its possible roll in coal hydrogenation reactions. A
Friedel-Crafts type acid intermediate has been proposed for hydrogenation with
large amounts of zinc chloride3. In this report, the importance of free radical

reactions is studied. Nitric oxide is used as a radical scavenger to terminate
chain-propagation reactions.

Experimental

A microbalance was used to continuously record the weight of coal samples
during heating at 5°C/min. and during isothermal experiments. Nitrogen or a 0.1
mole percent mixture of nitric oxide in nitrogen flowed through the reactor during
the reaction at a rate of 0.2 1/min. Hiawatha, Utah coal was used in these
experiments (high volatile bituminous, 43.1% VM on dry basis, 79.5% C, 5.2% H,

1.6% N, 0.6% S, 13.0% 0). Impregnated samples werergrepared by mixing coal with
aqueous solutions of ZnC12 and evaporating the water3.

Results and Discussion

Thermogravimetric analysis results are shown in figure 1. Hiawatha coal shows
a typical weight loss curve in nitrogen atmospheres. The evolution of tar and
gases 1s supressed by impregnation of 12% ZnCl2. The effect of nitric oxide is to
further decrease the loss of weight for both the coal and the impregnated coal.
Above 500°C, there is considerable oxidation of the samples by the nitric oxide.
The results of isothermal experiments at 400°C are shown in figure 2. A similar
result is noted to that of the thermogravimetric analysis. The coal shows the loss
of volatile matter in nitrogen atmospheres, while the impregnated coal shows a much




lower weight loss. The effect of the nitric oxide is to inhibit the pyrolysis
reactions which lead to volatile products. The weight loss of the impregnated
samples includes the loss of ZnCl2. A result similar to that obtained with ZnCl2
is obtained when SnC12.2H20 is impregnated on the coal surface. Results of iso-
thermal experiments are listed in table 1.

Table 1
Isothermal Weight Losses at 400°C
Sample Atmosphere Weight loss, %

Coal N2 27.5
Coal NO/N2 23.0
Effect of NO 4.5
Coal/12% InC12 N2 14.3
C0al/12% InC12 NO/N2 10.1
Effect of NO 4.2
Coal/20% SnCl12 NS 10.4
Coal/20% SnC12 NO/N2 5.0
Effect of NO 5.4

Berkowitz and Dammeyer9 studied the low-temperature carbonization of coal in
the presence of nitric oxide and concluded that nitric oxide retarded thermal
decomposition of the coal and inhibited secondary polymerization of tar when
present at the start of pyrolysis. den Hertog and Berkowitzl0 reported an enhance-
ment of decomposition due to nitric oxide. The partial pressure and flow rate of
NO were much greater in these experiments.

Nitric oxide inhibits the devolatilization of coal, presumably by terminating
free radical chain reactions. Zinc chloride and stannous chloride also inhibit
the devolatilization of coal, but the effects of InClo and SnCl, are independent
of NO inhibition as shown in table 1. It can be concluded that ZnCl2 and SnCl2
reactions do not involve free radical chains in coal pyrolysis.
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HYPOCHLORITE OXIDATION OF MODEL CbAL COMPOUNDS: STRUCTURAL AND MECHANISTIC INFER-

ENCES. G. L. Tingey, J. R. Morrey, J. A. Campbell, and J. A. Franz, Battelle
Memorial Institute, Pacific Northwest Laboratories, Richland, WA. 99352

The traditional view that coal consists primarily of varying degrees of aromatic
structure has recently been challenged by Chakrabartty, et al., (Fuel, 53, 240 (1974)),
who conclude from results of the hypochlorite oxidation of coal and from a study of
hypochlorite oxidationgof model compounds (from which aromatic and polynuclear aromatic
carbon-carbon bonds are generally found to be inert to oxidation) that extensive aromatic
structure cannot represent the structure of certain coals. We present the results of
reactions of the hypochlorite oxidant with polynuclear aromatic compounds neglected in
the above mentioned study to reach the opposite conclusion, i.e., that suitably
substituted polynuclear aromatics are indeed labile to oxidation, and that extensive
aromatic structure cannot be ruled out on the basis of results of hypochlorite oxidaticn.
The results of hypochlorite oxidations of pyrene hydroquinone and quinone model systems

and several coals are presented, and mechanisms for the mild dissolution of aromatic
structure are discussed.




INFERENCES ON THE STRUCTURE OF COAL: ]3C NMR AND IR SPECTROSCOPY 12
J. A. Franz*; J: R; Mbrrey*; J: A; Campbe]lt G: L: Tingey*
R. J. Pugmiref and D. M. Grantt

*Battelle Memorial Institute, Pacific Northwest Laboratory, Richland, WA. 99352
and * Department of Chemistry, University of Utah, Salt Lake City, UT

INTRODUCT ION

The Tow solubility of coal in suitable nmr solvents (1) has 1imited high resolu-
tion nmr studies of coal to solvent extracts not necessarily representative of coal
structure, or to extreme techniques (pyrolytic hydrogenation, high temperature
distillation) which cast doubt on the structural memory of the resulting solutions.
Nondestructive wideline nmr (2,3) produces 1ittle or no useful spectral information
due to severe loss of resolution and fine structure. The same objections hold for
infrared studies;thenondescript complexity of ir spectra of coal has made them
useful in only the most qualitative sense. A mild technique for the dissolution of
-coal with minimal loss of structural memory 1is thus vital for the successful applica-
tion of nmr and ir to coal-structure elucidation. The acid-catalyzed depolymerization
of coal by phenol, used by Ouchi and Brooks (4) to dissolve 87% of a depolymerized
Yallourn brown coal sample in methanol,appeared highly attractive for ?gis purpose.

We present the first account, to our knowledge, of the application of '°C nmr and

ir spectroscopy for monitoring the successive dissolution of coal under mild conditions.
Spectroscopic results, analytical and radiochemical data are presented which depict

the structural changes occurring during depolymerization and permit tentative identifica-
tion of structural types. . .

EXPERIMENTAL

SUCCESSIVE DEPOLYMERIZATION OF KNIFE RIVER COAL. A procedure similar to that of
Ouchi (4, 5) was used for the depolymerization of Knife River coal whose elemental
analysis can be found in Table II. Knife River coal (Beulah, Mercer Co., North
Dakota) is classified as a lignite. ' After drying, elemental analysis and calorimetry
permit assignment to the A.S.T.M. rank of high-volatile bituminous C. In a typical
experiment, coal (10.7 g, dry basis), phenol ?55.6 g), and p-toluenesulfonic acid
(PTSA) were combined in a 3-neck, round-bottom flask equipped with mechanical stirrer,
heating mantle, thermometer, and reflux condenser. Heating and stirring was begun
without the reflux. condenser until water contained in the coal and PTSA was driven
off. The reflux condenser was attached, and the reaction proceeded at 185° for
6 hr. Phenol was removed by steam distillation. The resulting ?owder was filtered
and washed thoroughly with water to remove PTSA and dried at 10~! Torr and 125° for
10 hr. Soxhlet extraction of the depolymerized coal with methanol yielded a
methanol soluble material (MeOH extract #1, nmr-1, ir-la) and an insoluble material
(residue #1, ir-1b). The procedure was repeated twice, substituting the insoluble
;e;;dui after methanol extraction each time for coal. Results are summarized in
able 1.

Table 1 - Summary of Successive Depolymerization Steps

' Wt .. Wt Wt Wt Corrected ~Accumulated %
Step No. Initial Mat'l Depolymerisate Extract Residue Wt Extract? Coal Extracted}
1 10.70 13.26 4,974 8.29Y 2.30 21.5
2 8.29 10.93 4.37¢ 6.62d  2.72 46.9
3 6.62 8.85 3.01€ 5.87F 1,66 . 62.4
1A 4.105%6 5.9913 2.24 3.76 1.12 27.3

#Correction based on assumption that 59.3% of the phenol taken up during depolymeriza-
tion is MeOH soluble. This percentage derives from the 14C experiment described
below. a-nmr-1, ir-la; b-ir-1b; c-nmr-2, ir-2a; d-ir-2b; e-nmr-3, ir-3a; f-ir-3b.
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DEPOLYMERIZATION OF KNIFE RIVER COAL USING 1-'%C PHENOL. In experiment 1A of Table
1, a sample of Knife River coal, 4.1056 g (dry basis) was stirred with a mixturs 6
of p-toluenesulfonic_acid (PTSA) (5.79 gg and 50.7. g of phenol exhibiting 3.9 = 0.1 x 10
disintegrations min~ 9'1 (determined by scintillation counting) for 6 hr at 185°
(reflux temperature of phenol). Unreacted phenol was removed by steam distillation,
the resulting powder was filtered and washed thoroughly Yith water to remove PTSA.
The depolymerized coal exhibited 12.3 * 0.2 x 105 d min=! g~1 of getivity, Extraction
with methanol left an insoluble residue exhibiting 7.4 * 0.1 x 10°.d min=1 g=1 activity~
?Hd a methanol soluble fraction exhibiting 18.1 " 0.3 x 10° d min-1 g~1 activity.

C combustion analysis established 0.71 g phenol contained in the residue, and
1.04 g of phenol contained in the extract. Elemental analyses were performed
by the Schwarzkopf Analytical Laboratories. ' ’

Table 2 - Elemental Analyses

: : Atomic Corregted
‘Sample : (v H N S 0 H/C H/C
Knife River coal 61.84 4,12 0.49 0.70 29.31 0,785
“Successive Depoly-
merization
MeOH Extract #1 - 75.54 4.82 0.35 1.84 16.52 758 0.474
MeOH Extract #2 73.40 4.70 0.35 3,53 15.65 .761 0.604
MeQH Extract #3 75.06 5.92 = 0.09 2.75 16.45 .939 . 0.880
Residue #1 73.28 4,16 0.58 2.37 16.36 .675 0.579
Residue #2 71.85 3.84 0.35 1.35 14.86 .634 0.740
Residue #3 71.88 4.03 0.40 1.50 14.23 .668 2.600
*The corrected H/C ratio was calculated using the distributive results of the 14

experiment to correct for phenol uptake by both residue and extract. It was assumed
that 40.7% of the phenol remained in the residue and the remainder went with the

extract in each successive depolymerization. Of course, this assumption must be
accepted only with reservation.

]36 NMR SPECTRA AND IR SPECTRA. Praton-decoupled 13c nmr spectra were determined
at the University of Utah with a Varian Associates XL-100 FTNMR Spectrometer
operating at 25.16 MHz. Dioxane was used as an internal lock signal. Methanol
solutions of Extracts 1, 2, and 3 contained no nonbonded phenol ?gc analysis) and
no PTSA (by addition of authentic sample to nmr tube). Infrared spectra were
determined by a computer-coupled Perkin-Elmer model 521 Spectrometer. KBr p?31ets

containing 0.5% sample concentration by weight were used. See Figure 1 for !3C nmr
spectra and Figures 2 and 3 for ir spectra.

DISCUSSION

The 13C nmr spectra of Extracts 1, 2, and 3 are shown in Figure 1. Since the
depolymerization procedure incorporated bonded phenol into the coal structure, there
is some uncertainty as to the percent of coal actually dissolved. However, at
least 45% of the original coal was depolymerized and extracted assuming the worst
case that all of the phenol ended up in the extracts. The actual quantity is
greater since the weight gain on depolymerization occurs' by incorporation of phenol
in both resid?i and extract. To estimate the partitioning of phenol between residue
and extract, '"C-labeled phenol was used in a depolymerization. If the distribution
of phenol determined in the labeling experiment can be extrapolated to later
stages of a successive depolymerization, then up to 62% of coal structure is
contained in the methanol extracts. Reliable data for such an extrapolation must
await further labeling studies. Nevertheless, a significant portion of the coal
structure has been successfully dissolved.

The general features of the ]3C nmr and ir spectra of Knife River coal residues
and extracts indicate an aromatic system with high phenolic/hydroxylic OH content,
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modest aliphatic structure, and very little carbonyl content. The overall features
of the ir spectrum of the original coal {ir-4) are retained on depolymerization,

in accordance with the observations of Ouchi (5) using brown coal. Elemental
analysis reveals a substantial drop in oxygen content, in the first depolymerization
step, attributed (4) to dehydration reactions of the type

- QL0 = 0L

" A four to five-fold increase in aliphatic CH content occurs in the methanol extracts
from the first to third depolymerization. This is indicated by the increase in CH aliphatic
stretching bands from 2800 to 3000 em-1 in ir spectra ir-la through ir-3a. At the
same time, the aromatic C=C stretching bond at ~1600 cm-! decreases from extract
1 to 3. The increase in aliphatic CH is accompanied by a significant increase
in the H/C ratio (from elemental analysis) in the extracts of successive depolymeriza-
tions. The apparent change in aliphatic content in residues 1-3 appears to be small,
and carbonyl content (~1750 cm-1) is concentrated in the residues. A1l of these
observations parallel those of Quchi (5) who found that aliphatic structure increases
in the extracts, and that the residues show an increasingly dense network of aromatic
structure. :

The 13C nmr spectra (Figure 1) of Extracts 1-3 show a similar pattern. Nmr-1
of Extract #1 shows a complex aromatic structure (4200-2800 Hz, 167-111 ppm) with a much
smaller complement of aliphatic structure, most apparent in the region 900-300 Hz
(36-12 ppm). Aliphatic resonances at ca. 830 Hz (33 ppm) in nmr 1-3 can be tentatively
assigned to aliphatic methine and/or methylene bridge carbons (ArpCH or Ar3CH). The
resonances at ca.600 Hz (23.9 ppm) can be assigned to methyl groups attached to aromatic
nuclei {6,7). “No long-chain aliphatic, olefinic or carbonyl resonances are detectable.

. The nmr spectra of successive extracts show a decrease in aromatic/aliphatic
content, in agreement with infrared and analytical data. The aromatic regions
become progressively simpler with successive .extracts. At the third stage, the
aromatic region of the spectrum suggests a highly specific reaction and extraction
sequence, yielding a mixture of highly similar structures. Nmr-2 is consistent with
the general structures ] or g: The quaternary carbons A (3945 Hz, 156.8 ppm) and

OH

B
’ E
H
Af’n \‘Ar
B (3630 Hz, 144.3 ppm) are unaffected in an off-resonanée experiment, while aromatic
methines C (3255 Hz, 129.4 ppm), and D {2925 Hz, 116.2 ppm) and aliphatic methine E
(820 Hz, 32.6 ppm) become doublets. Complex structure surrounding the doublet in

the off-resonance experiment provides evidence for aromatic methylene groups
as well as methine E at 33 ppm.

In gdd1§1on, a quaternary aliphatic carbon appears at 1095 Hz (43.5 ppm) in
nmr-3. ¥Frecise structural assignment has not been made at the time of writing.

Detecga?le aromatic structure probably associated with this resonance has not been
fdentified.
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The genesis of structures ] and/or 2 (Ar = coal-derived structure) may be
consistent with an increasingly endothermic depolymerization reaction reflected

in a much greater specificity in point of attack on the coal structure., Structure

2 may result from displacement of two aromatic moieties from a ArCH group. A

closely related reaction has been used to extract methylene groups from model
compounds (Ar, CHyArp) and from coal: :

BFy PROH
.‘ ArCHzAr —t— H CH@OH

SUMMARY

A modified method of Ouchi and Heredy for depolymerizing coal shows great
promise for obtaining substant1a§ fractions in true solutions. These solutions
can be used in high resolution 13C nmr studies and in infrared studies to elucidate
the basic structures of coals.

- The technique has been demonstrated for a high-volatile bituminous 6 coal. ’

We are currently pursuing this research in an attempt to obtain structural information,
particularly with emphasis on the functional groups in coal and their effect on its
reactivity. : . s :
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DIFFERENTIAL SCANNING CALORIMETRY STUDIES ON COAL HYDROGENATION

0. P. Mahajan, A. Tomita, J. R. Nelson and P. L. Walker, Jr.

Department of Material Séiences
The Pennsylvania State University
University Park, Pennsylvania 16802

INTRODUCTION

There is considerable interest in the production of high BTU gas by coal hydro-~
genation. The Hydrane process (1), recently developed by the U.S. Bureau of Mines,
involves direct hydrogenation of raw coals. The present study on coal hydrogenation
using the differential scanning calorimetry (DSC) approach is intended to provide some
information on the reactivity of representative U.S. raw coals. Twenty U.S. raw coals
of different rank have been selected for the present study, in which heats of reaction
at 800 psig of hydrogen and temperatures up to 570°C have been measured. The effect of
demineralization of coals upon heats of reaction has also been studied.

EXPERIMENTAL

A DuPont pressure DSC cell was used in conjunction with a cell base Module I and
a 990 Thermal Analyzer to determine thermal effects involved during hydrogenation of
coals, DSC scans for various coals (40x70 U.S. standard mesh) were obtained from
200 to 570°C at a linear heating rate of 5.4°C/min. Details of experimental procedure
and calculations have been described elsewhere (2).

RESULTS AND DISCUSSION

Heats of hydrogenation of different coals, expressed as cal per unit weight of
starting coal, are given in Table 1. Throughout the discussion which follows, carbon
contents of coal are given on a dry-ash-free (daf) basis. The heat of hydrogenation
(-AH) increases, in general, with decrease in coal rank; the value varying from about

7 cal per gram, exothermic, for anthracite to about 150 cal per gram, exothermic, for
lignites.

Welght losses at 570°C for various coals are included in Table 1. It is seen
that weight loss decreases, in general, with increase in coal rank. However, in the
case of PSOC 24, weight logs 1s far greater than that expected from its rank. Weight
losses at 570°C for varlous coals are plotted against integral exothermit heats in
Figure 1. It is seen that, except in the case of PSOC 24 and 95, data points for the
rest of the coals fit on two straight lines of different slopes; the two lines inter-
sect each other at a welght loss of about 45%. Considering the data in Table 1, it
is seen that welght losses up to 457 are characteristic of coals with a carbon content
greater than about 827. For such coals, each one per cent of weight loss 1is seen to
correspond to evolution of about 1.4 cal per gram weight of starting coal. This value
increases to about 2 cal per gram for coals with carbon contents less than 823%.

The higher weight loss observed in the case of PSOC 24 may be due to the presence
of a beneficial catalytic impurity. Out of all the samples investigated, PSOC 24
has the highest pyritic sulphur content (4.95%, daf); this may be responsible for its
enhanced reactivity. However, in the case of PSOC 290 which has a pyritic sulphur
content of 3.187 (daf), weight loss corresponds to that expected on the basis of its
rank. DSC and TGA runs on the two coals were also made after partial removal of
pyrite by a flotation technique using a halogenated hydrocarbon of density 2.85 g/cc.
Following partial removal of pyrite, both coals exhibit a significant decrease in
weight loss as well as exothermic heat (Table 2). These results suggest that pyrite
or its reduction products, namely pyrrhotite or iron, catalyze hydrogenation.

19
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Transition temperatures, that is the temperatures corresponding to the omset of
the exotherms, are plotted as a function of carbon content in Figure 2. The transition
temperature is strongly rank dependent, varying from about 230-250°C for lignites to
about 535°C for anthracite. The plot in Figure 2 consists of four distinct parts.
Coals associated with 63-75% carbon have about the same transition temperature. A
sharp increase in transition temperature (about 200°C) occurs in 75-80% carbon range.
Thereafter, up to about 90% carbon, the transition temperature increases only slightly.
A further increase in transition temperature occurs beyond 90% carbon. It 1s note-
worthy that variation of transition temperature with carbon content follows essentially
the same trend as variation of average layer diameter and number of atoms per layer
with carbon content (3). '

The effect of demineralization on transition temperatures and exothermic heats
for eight coals is i1llustrated by data in Table 1. It is seen that in the case of
coals with carbon content less than 80Z%, demineralization increases the transition
temperature and decreases the exothermic heat of reaction. This behavior again suggests
that mineral matter assoclated with such coals catalyzes hydrogenation. However, in
the case of coals with carbon contents greater than about 80%, removal of mineral
matter decreases the transition temperature and increases the heat of hydrogenation.
This 18 probably due to the fact that in such coals mineral matter removal opens up
new feeder pores, thus increasing the accessibility of hydrogen into the pore structure.
The development of additional porosity and enhanced accessibility to active sites
more than offsets a decrease in reactivity which might result from the removal of
catalytically active mineral matter. This is consistent with previous studies on the
reactivity of coal chars with air (4). That is, mineral matter removal from lignites
decreased gasification rates whereas mineral matter removal from an LV bituminous
coal increased gasification rates.
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PRODUCTS OF FLASH HYDROGENATION OF ILLINOIS NO. 6 COAL

Robert A. Graff
Samuel Dobner
Arthur M. Ssquires

Clean Fuels Institute
Department of Chemical Engineering
The City College of the City University of New York
New York, New York 10031

The chemical structure of coal is still a matter of continuing
speculation., All workers do agree, however, that it is indeed a
fairly fragile structure which can easily be transformed into species
of higher molecular weight.(l) The process is thought to be the
result of the competitive reactions of fragmentation and polymeriza-
tion of portions of the coal structure. Rapid heating to above 500°C
improves sdectivity toward lighter products by accelerating fragmen-
tation and volatilization during the early stages of polymerization.
Hydrogen acts to stabilize the light species formed by terminating
free radicals which might otherwise polymerize.

Forty years ago Dent had established that raw coal can give sub-
stantial yields of gaseous hydrocarbons at high temperatures and hy-
drogen pressures (2-5). His work was later confirmed by researchers
at Purdue University (6-9) and the Institute of Gas Technology (10).

In an effort to obtain data at shorter solids contact time, the
U.S. Bureau of Mines developed a captive sample technique for rapidly

. heating coal to temperature (in about 2 to 4 minutes) (11,12). Other

workers have also investigated the flash heating (5 seconds or less)
of coal in hydrogen atmospheres with both very long (1 minute or more)

(13-18), and very short (30 seconds or less) (17-24) solids residence
times.

* The Bureau's experiments with rapid heating established that sig-
nificant liquid yields could be obtained with uncatalyzed as well as
catalyzed coal by operating at moderate temperatures (700-800°C) and
keeping vapor product residence times to 25 seconds or less (11,12,25-
29). while those employing flash heating have obtained higher product
yields, no significant liquid yields were reported (aside from a few

23

percent heavy tars). In these experiments gas residence times were too
long (13,15,17,18,20-22,24) or reaction temperatures too high (14,17-19,

23,24) for production of liquids.

The Bureau's work (with catalyzed coal) also points to the exist-
ence of an optimum vapor residence time (28). Too short a residence
time does not allow donversion of heavy materials evolved from the
coal to light products; too long a time results in a loss of light
liquids by cracking and carbonization.
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Experimental Reactor

Our reactor (Figure 1) is similar in design to the Bureau's
reactor (11,12) but is capable of much higher heating rates (about one
second or less to 800 C). This configuration allows for independent
selection of the three important time parameters: heating rate,' vapor
residence time, and solids contact time. BAbout ten milligrams of coal
is deposited in the form of a thin ring on the interior surface of a
316 stainless steel tube, 0.25 inches in outside diameter, 0.20 inches
in inside diameter and 12 inches long. The deposit is formed by float-
ing ground coal on carbon tetrachloride. As the carbon tetrachloride
evaporates, a deposit about 0.5 cm long is left on the tube. A gquartz
wool plug at the reactor outlet serves to protect the collection system
downstream from particles which might be dislodged from the sample.

The reactor is clamped between electrical leads and connected to a
source of hydrogen on the left, and evacuated collection tanks on the
right. A thermocouple is spot welded to the exterior of the reactor
tube at the location of the coal sample.

Flow of hydrogen is established at the desired pressure with the
reactor and inlet system at room temperature. At time zero electrical
power is supplied from transformers, resistively heating the reactor
tube. When a preset temperature is reached a controller switches on a
holding current to maintain the desired temperature level for the dura-
tion of the experiment.

The vapor product residence time in these experiments is the time
required for the products evolved from the coal to be carried by the
flow of hydrogen to the right hand electrical lead. Because of its
large mass, the lead remains at its initial temperature and serves as
the guench point. Variations in vapor residence time are achieved by
changes in location of the coal ring or in rate of hydrogen flow.

Following hydrogenation the residual char is burned in situ with
oxygen at four atmospheres and the oxidation products collected in a
separate tank for analysis.

Analyses are performed with a gas chromatograph using a Poropak-Q
column for all hydrocarbons and carbon dioxide and a molecular sieve
column for carbon monoxide. :

Coal Sample

The yields reported here were obtained with a mine-mouth sample of
Illinois No. 6 coal. The sample was crushed and ground in air to less
than 325 mesh and subsequently stored under nitrogen. The ultimate
analysis (weight percent, moisture free) is as follows:
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carbon 68.2%
hydrogen 5.1%
nitrogen 1.1%
sulfur 4.2%
oxygen (by difference) 9.3%
ash 12.1%

Exploratory Runs

The influence of heating rate, solids contact time and vapor pro-
duct residence time were explored in a series of preliminary experi-
ments to provide a basis for planning the more extensive study. All
runs are in hydrogen at 100 atmospheres.

From the preliminary study we tentatively conclude that a heat-
ing rate of 650°C per second is sufficiently high and a solids contact
time of ten seconds sufficiently long to characterize the products of
flash hydrogenation. Increasing the heating rate to 1400°C per second
provides the same yields. Heating at 20°C per second with a solids
contact time of 65 seconds results in a three-fold decrease in single
ring aromatics and a substantial increase in heavier species. Yields
at 30 seconds solids contact time are substantially the same as at 10
seconds when the heating rate is 650°C per second. Shortening the
solids contact time to two seconds results in slightly reduced yield
of all light species.

Tests at different vapor product residence times show that there
is an optimum value for this parameter for yield of light aromatics.
For example, in the vicinity of 800°C the BTX (benzene + toluene +
xylene) yields are lower both at 0.18 seconds and 23 seconds than at
0.6 seconds.

Yield Structure

On the basis of the preliminary runs, reaction temperature and
vapor residence time were selected as variables for more detailed
study. Heating rate was fixed at 650°C per second and solids contact
time at 10 seconds. The influence of reaction temperature was explored
from 620 to 980°C with a vapor product residence time of 0.6 seconds
(Figures 2-5). The influence of vapor product residence time was ex-
plored from 0.6 to 5 seconds at a temperature of 700°C (Figures 6-8).

Carbon Balance

The principal products observed are methane, ethane, propane,
benzene, toluene and xylenes. Other species, such as butanes, ethylene
and propylene are found only in trace amounts (less than 1 percent).
Tests of the collection system were made by injecting known quantities
of components ahead of the reactor. Xylene and lighter species are
recovered quantitatively.
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A carbon balance is made by summing the carbon content of the
observed hydrogenation and combustion products (the latter is CO_ with
minor amounts of CO). The difference between the carbon recovered ang
the carbon content of the weighed coal sample is reported as carbon
deficit in Figures 2 and 6.

These figures suggest that the light hydrocarbons directly mea-
sured substantially accoung for the products of flash hydrogenation
at temperatures beyond 850 C at 0.6 seconds residence time (Figure 2)
and at residence times beyond 3 seconds at 700°C (Figure 6). The
scatter in carbon deficit is low. For the 19 runs reported, the preci-
sion (95% confidence level) is +3%.

The carbon deficit at lower temperatures inFigure 2 and shorter
residence times in Figure 6 is attributed to species heavier than
xylene.

Effect of Reaction Temperature

° Carbon conversion to methane (Figure 3) increased from 5% at
620 C to 38% at 980 C. 1In contrast, cagbon conversion to propane
(Figure 4) falls quickly from 2% at 620 C to nearly zero at 780
Ethane (Figure 4) shows a peak yield near 760 C of 6.8%. By 940 C the
ethane drops to an insignificant level.

Little BTX (Figure 5) appears below 620°C. The yield peaks at
800 C with a conversion of 1166% and drops to 3% at 980°C. Benzene is
41% of the BTX mixture at 620 C. The fraction rises steeply with tem-
perature and beyond 790 C the mixture is nearly pure benzene.

Effect of Vapor Product Residence Time

The effect of increasing vapor product residence time at 700% is
shown in Figures 6-8. At this temperature and 0.6 seconds, 12% of the
carbon in the coal is converted to material heavier than xylene. With
increasing residence time the yield of this materlal decreases, vanish-
ing at 3 seconds (Figure 6).

These heavy species are converted to methane, ethane, BTX, and
coke. At 3 seconds methane has increased by 5.5%, ethane by 2% and
BTX by 5%. Beyond 3 seconds ethane remains nearly constant while
methane and BTX decline. This is accompanied by an increase in char
deposited on the reactor walls downstream of the coal sample.

Implications

The principal result of the studies reported here is to demonstrate
that heavy species evolved from coal by flash heating in hydrogen at
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elevated pressure are of such character as to be quickly converted to
BTX and light alkanes in the vapor phase. It is significant that
little if any tars are produced. Going to higher temperatures resultg
in the formation of even lighter species with temperatures 700 to 800 C
being optimum for production of BTX.
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Figure 1. Reactor for flash heating of coal. Location of coal
deposit and hydrogen flow rate are selected to give the desired
vapor product residence time.

Figure 2-5. Yields versus temperature at 100 atm. H_, heating rate
650 C/sec, 0.6 sec. vapor residence time, 10 sec. Solids contact
time.
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Figures 6-8. Yields versus vapor residence time at 700°C, 100 atm.
hydrogen, heating rate 650 C/sec., 10 sec. solids contact time.
(Closed circles from Figures 2-5.
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"ENTRAINED PRETREATMENT OF COAL" by Glenn E. Johnson,David A. Green, Albert J. Forney,
"William P. Haynes and Harry B. Nellson, U.S. Energy Research and Development Admini-
stration, 4800 Forbes Avenue, Pittsburgh, PA 15213.

A method for destroying the caking properties of coal during transport isunder stu-
dy at.the Pittsburgh Energy Research Center of the U. S. Energy Research and Development
Administration. Caking coal ground to 20 x O mesh is pretreated under pressure in a 75-
ft. length of 1/2" pipe while entrained in a heated stream of oxygen and nitrogen. Piltt-
sburgh seam, a highly caking coal, was pretreated at 100 psig with a transport gas linear
velocity of 10 ft/sec, an oxygen to coal ratio of 1.5 SCF/1b and a nominal temperature of
375° ¢. Data from tests with Pittsburgh seam coal was analyzed using a computerized mul-
tiple linear regression analysis. An equation was devdloped which relates the free swell-
ing index (FSI) to the oxygen concentration, temperature, gas velocity, coal feed rate,
and operating pressure. Illinois #6, a moderately caking coal, was pretrecated during en-
trainment at less severe conditions (320° C and 0, to coal ratio of 0.7 scf/lb.) than re-
quired for Pittsburgh seam coal.




Devd&opment of a Fluidized Bench-Scale Reactor 34
for Kinetic Studies

Louis D. Friedman

N COGAS Development Company
P.0O. Box 8, Princeton, New Jersey

The COGAS Development Company (CDC) is a consortium made up of Consoli-
dated Natural Gas Service Company, FMC Corporation, Panhandle Eastern Pipe
Line Company, and Tennessee Gas Pipeline Company. COGAS Development
Company is developing a process for the conversion of coal to gas and oil.
The gas can either be pipeline gas (SNG) or an industrial medium-Btu fuel
gas. The oil can either be a synthetic crude oil or a low-sulfur fuel
oil., The COGAS process combines the fluidized-bed pyrolysis of coal with
gasification of the char. Gasification is achieved by steam, producing a
syngas -~ CO and H, =-- without the need for bulk oxygen. This process has
been described previously [11[2].

Fluidized-bed pyrolysis was developed by FMC Corporation under the COED
project, which was sponsored by the Office of Coal Research, U.S. Depart-
ment of the Interior. Results of this project were published [3]. A
number of chars produced in the COED pilot plant were utilized in these
studies. :

Because of the divergent interests in different coals of the several
partners, work was initiated to develop a bench-scale unit which could
yield the data needed for evaluating potential coals for a COGAS plant.

The requirements for this unit were that it be capable of both estimating
the yields of oil that might be expected from fluidized-bed pyrolysis, and
of determining the reactivity of the.char that would result from this
pyrolysis. The design of this Coal Evaluation Unit (CEU) was such that
one operator could obtain both coal pyrolysis yields and char reactivity
data in one day.

Thermogravimetric analysis (TGA) is widely used for these determinations.
However, thermal analysis of coal presents problems inherent in coal's

- nature [4]. TGA measurements show total loss of weight on pyrolysis, but
give no information as to the relative amounts of tar or gas that are

or might be obtained in fluidized-bed pyrolysis. Our experience with the
TGA also showed that gasification rates obtained with steam and CO, were
as much as one order of magnitude greater than those obtained in large-
scale pilot plants. -In addition, TGA experiments are expensive and time
consuming, and since the TGA uses such small samples, analysis of the
residual decomposition products is seldom meaningful. Attempts to develop
wet oxidation procedures for determining carbon reactivity give only
semi-quantitative data [5].

To overcome these deficiencies the subject investigation was undertaken.

DESCRIPTION OF THE COAL EVALUATION UNIT

A flow diagrém of the coal evaluation unit (CEU) is shown in Figure 1.
The reactor.ls a capped Alonized 310 stainless steel tube 24 inches
long and 2 inches ID. The reactor is heated electrically by two hemi-

cylindriqal'Qoo kW Lindberg heaters 18 inches long. Two 1/4-inch tubes
are welded in the top cap of the reactor. Feed is charged through one

v
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of these tubes, and pyrolysis and gasification products are removed
through the other. A stainless steel thermowell which extends to within
4 inches of the top of the reactor is welded in the center of the bottom
cap. A perforated stainless steel plate,which supports the solids
ingside the reactor,is welded on the thermowell about 6 inches above the
bottom of the reactor. The bottom cap also contains a section of
1/4-inch tubing through which fluidization gas enters the reactor.

Gases flowing to the reactor are heated to about 1000°F in a closely
wound, 310 stainless steel coil 12 inches long and 1 inch in diameter,
This gas heater is heated by two Lindberg heaters. Char is fed to the
reactor from a 1-1/2-inch ID glass tube which serves as a feed reser-
voir. This tube is mounted on a Syntron vibrator which charges 70 to
100 g of char over a 15-to 30-minute period. Steam is used as the
fluidizing gas in both the pyrolysis and gasification operations. Coal
is usually pyrolyzed at 900 to 1100°F, At these temperatures the reac-
tion of steam with coal is negligible.

The condensing system consists of two glass air-and water-cooled con-
densers, a glass~-wool trap, and a quinoline scrubber in series. The
glass-wool trap and gquinoline scrubber remove tar fog from the gas.
Gases leaving the quinoline scrubber are sampled, analyzed by gas
chromatography, measured, and vented to a hood. The chromatograph used
is a Carle Basic Gas Chromatograph equipped with automatic sampling and
switching devices. This instrument analyzes for CO, CO,, CHy, O2, N2
and H,0 every 7-1/2 minutes. Hydrogen is obtained by difference.

OPERATING PROCEDURE

Ten grams of 1/8 x 25-mesh sand are charged to the reactor to improve
transfer of heat to the fluidizing gas, and to prevent fine coal par-
ticles from plugging the perforated bed support plate. A 25- x 60-mesh
fraction of feed is used. The steam velocity through the reactor is
maintained at about 0.5 ft/s. Velocities over 0.8 ft/s carry char fines
and low-density gasified char out of the reactor, and velocities below
0.3 ft/s do not fluidize the bed.

A. Non-Coking Coals

Non-coking coals may be introduced into the reactor at any temperature
from room temperature up to the pyrolysis temperature. The feed is
added over a 30-minute period. Pyrolysis is usually conducted at a
maximum temperature of about 1100°F. The char is held at the maximum
temperature for 30 to 60 minutes, at which time o0il production has
ceased and gas make is negligible.

If the char that remains after pyrolysis is to be gasified, the temper-
ature of the reactor is raised to the desired gasification temperature,
and steam is then charged into the reactor at a velocity of approximate-
ly 1/2 ft/s. Gasification is normally continued for three hours. Gases
produced during pyrolysis and gasjfication are analyzed continually by
gas chromatography.

To determine o0il yields, the condensed water is decanted through a fil-
ter paper to recover carryover char fines. The filter paper, condensers,
fines, and the water-tar receiver are washed with dcetone to dissolve
the collected o0il, and the acetone solution is filtered to remove char
that was mixed with the 0il The acetonefiltrate is evaporated in a
tared flask to determine the weight of oil recovered. The glass-wool
trap is dried at 220°F and its gain in weight is considered to be oil.
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The small amount of oil that is collected in the quinoline trap is not
included in the oil recovery, as quinoline also collects water.

The. weight of gas formed during pyrolysis, the amount of carbon gasified,
and the gasification rate of char are all calculated from the volume and
the analysis of the gases formed during pyrolysis and gasification,
respectively. Char recovery is the sum of the weights of char carried
overhead and that recovered from the reactor at the end of the run.

B. Coking Coals

Unlike non-coking coals which may be charged to a reactor at any tempera-
ture for pyrolysis, coking coals must be charged to the reactor below the
incipient coking or softening temperature. This is usuvally about 650°F,
To prevent a buildup of coke in the reactor, coking coals are diluted in
a 1:2 weight ratio with an ash fraction that has the same 25-x 60-mesh
size as the coal feed. After the coal-ash mixture has been charged, the
temperature of the reactor is raised to 1100°F over a 1 to 1-1/2 h per-
iod. The reactor is kept at 1100°F for an additional hour to complete re-
moval of the tarry oil fractions from the reactor.

After pyrolysis is complete, gasification and oil recovery is conducted
as described above.

C. Char Reactivity

If reactivity data only are desired on chars which are known to evolve

no oil on heating, the reactor is heated directly to the gasification
temperature. The char may be added either before the reactor is heated

or when the reactor has reached the gasification temperature. Experi-
ments with COED chars prepared from Illinois coal showed that both
procedures gave the same gasification rates. Char reactivity is calculated
from the volume of gas produced and the amount of carbon reacted as de-
scribed above.

ANALYSIS OF FEEDSTREAMS

The analyses of coals and chars used in these studies are presented in
Tables 1 and 2.

PYROLYTIC STUDIES

Data obtained in pyrolyzing lignite and Utah coals are shown in Table 3.
The lignite yields much less o0il and more gas than the Utah coal. The
CEU cannot determine liquor yields because steam is the carrier gas.

With many coals liquor yields obtained by fluidized-bed pyrolysis are
approximately 0.45 times the oxygen content of the coal {6]1. This cor-
rection-is probably high for lignite,but gave a reasonable material
balance with the Utah coal. Table 3 also compares the oil and gas yields
obtained in the CEU with those obtained by COED in their 4-stage pyrolysis
system, using a maximum temperature of 1450°F.

Hot-stage microscope studies showed that shock heating increased the .yield
of volatiles obtained from cpal [7]. A similar effcct was noted in the
CEU, as shown in Table 4. Although the range of oil yields 1s narrow,
yYields increased steadily as the temperature at which the lignite was
introduced into the CEU reactor was increased. Thus, the lowest yield of
0il was obtained from the run in which the lignite was added to the
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reactor at room temperature, even though this char was ultimately
heated to the highest temperature shown.

Pyrolysis data for two high-volatile A bituminous coals are presented
in Table 5. 1In all runs, coal was charged to the CEU reactor at 600
to 680°F,. and all chars were heated to 1100 to 1180°F. Both coals
coked when processed under the same conditions used with the lower-
rank coals. When these coals were diluted with two parts of ash, the

. Sewickley-seam coal gave 21 to 22 wt percent oil, and the Pittsburgh-

seam coal, 27.2 wt percent oil. Runs 62, 63 and 64 show how oil yields
were reduced drastically when these coals were air-oxidized to inhibit
their coking. The sums of the yields of o0il, gas, and char for all
ash~diluted runs range from 92.4 to 99.5 weight percent, indicating
good closures in all runs.

GASIFICATION OF CHARS

Earlier in the COGAS program, the reactivities of chars were determined
in a 3.75-inch Ip fluidized-bed char reactivity unit (CRU) that has
been described in an earlier publication [8]. Several COED chars were
evaluated in both units to determine the correlation of results ob-
tained in the two units., The results are summarized in Table 6. All
CRU runs were made with steam velocities of either 0.4 or 0.6 ft/s.

As noted above, the CEU was operated at about 0.5 ft/s.

The gasification results obtained in the CEU agree fairly well with

. those obtained in the larger CRU. Similar results were obhtained with

Illinois char in the COGAS pilot gasifier [2]. Lignite chars prepared
in the CEU in Runs 5 and 6 had reactivities at 1430 and 1500°F that
were in line with lignitic chars prepared in the COED reactor system.
The lignitic chars were by far the most reactive evaluated.

The CEU studies corroborated unexplained trends found in the CRU. Thus,
the third-stage COED Illinois  No. 6 char was more reactive than the
fourth~stage char (Runs 71 and 22), but this was not the case with the
Utah or Western Kentucky chars. In the COED pilot plant, the third
stage usually operated at 1000°F; the fourth stage, at 1450-1550°F.
Note that a char prepared from Western Kentucky coal in the CEU had the
same activity as third-and fourth-stage chars prepared from this coal
in the COED reactors. (Compare Run 68 vs. Runs 78 and 79.)

Oxidation reduces the yield of tars derived from pyrolysis. CEU studies
demonstrated that oxidation also reduces the gasification rates of the
resultant chars markedly. For example, Western Kentucky char produced

- in the COED pilot plant with mild oxidation in Stage 1 had only half

the reactivity of chars made from this coal without oxidation. (Com-
pare Runs 49 and 50 with Runs 78 and 79.) Similarly, chars made from
oxidized Pittsburgh-and Sewickley-seam coals were less reactive than
those prepared from unoxidized coals. (Compare Runs 64 and 63 with

61.) A sample of coke that was prepared from Sewickley coal in the CEU
also had a low char reactivity (Run 55).

The CEU has also been useful for other studies, e.g., determining CO:
reactivities up to 1900°F, conducting fluidization studies, etc. It

-has proven to be a versatile and useful tool that met all the require-

ments outlined for it. The CEU has now been used for more than 1000
hours and shows no evidence of corrosion. This is attributed to the
aluminizing treatment that was administered to the reactor. An earlier
non-aluminized reactor handling the same gases showed corrosion after
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legs than 150 hours on stream,
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TABLE 3

Pyrolysis of Lignite and Utah Coals

Run Pyrolysis Temp, °F Product Yields, wt Percent
No. Initial Final . 0il Gas Char Ligquor Total
(Calc)
LIGNITE
10 700 900 5.0 32.0 56.7 11.8 105.5
6 900 900 6.8 25.6 57.6 11.8 101.8
UTAH COAL
30 800 800 17.9 17.2 59.1 4.0 93.2
31 900 900 18.5 11.6  59.0 5.1 94.2
COED (3] 1450 21.5 18.3 - - -
TABLE 4

Effect of Charge Temperaturés on Lignite 0il Yields

Pyrolysis Temp., °F 0il Yield,

Run No. Initial Final wt Percent
13 70 1400 4.7
10 - 700 900 5.0
5 800 900 6.5
6 1900 ’ 900 6.8
14 1400 1400 - 7.3



Run
No.
53
62
59
60

a

TABLE 5
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Pyrolysis of High Volatile A Coals

Coal
Seam

Sewickley

Pittsburgh

"

Sample coked

b

Coal:A

_Ratio

sh

Yields, Wt Percent
0il Gas Char
11.6 11.0 57,52
9.2 12.5 77.3
22.1 25.4 52.0
21.4 18.8 52,2
0.2 10.4 72.5
15.4 10.0 69.4
27.2 19,2

Coal air~oxidized at 350 to 400°F for 30 minutes

€Coal air-oxidized at 350 to 400°F for 60 minutes

49.3
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Run

No.

71
22
23
48
46
78
79
68
49
50

. 64

63
61
55
59
60

Derivative

Coal

Lignite

Illinois

"

Utah

W.

"

Kentucky

(oxidized)

Pittsburgh "

" "

a

Sewickley
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TABLE 6

Gasification of

Chars

Char
Source

CEU

CEU

COED~4th Stage
COED-4th Stage
COED~4th Stage
COED-3rd Stage
COED-4th Stage
COED-3rd Stage
COED-4th Stage
éOED-3rd Stage
COED-4th Stage
CEU

COED-3rd Stage
COED-4th Stage
CEU - Oxidized
CEU -~ Oxidized
CEU

CEU -~ Coked
CEU

CEU

g ¢ gasified/(h) (g C in bed)

Gasification

Temp., , °F

1430
1500
1430
1600
1600
1600
1700
1600
1600
1600
1600
1600
1600
1600
1600
1600
1600
1600
1600
1600

Gasification Rate!

CEU

0.61
0.90

0.11
0.30
0.26,0.23
0.15
0.22
0.293
0.28
0.27
0.14
0.14
0.12
0.15
0.38
0.18
0.40
0.48

CRU

0.60
>1.0
0.14
0.24
0.23
0.18
0.21
0.24
0.23
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FACTORS AFFECTING REACTIVITY OF COAL CHARS

Philip L. Walker, Jr. and Edwin J. Hippo

Pennsylvania State University
Department of Material Sciences
University Park, Pennsylvania 16802

INTRODUCTION

It is helpful when attempting to understand reactivity of coal chars to draw on
what is known about gas-solid interaction from voluminous studies on both the gasifi-
cation of more crystalline carbons and heterogeneous catalysis. Rates of gasification
of porous carbons are primarily affected by three parameters: active site concen-
tration; accessibility of the reactant gas into the internal area of the char and,
hence, to active sites; and pregence of catalysts which are active for the dissociation
of molecular species into reactive oxygen atoms or hydrogen atoms (1,2). Following a
discussion of these parameters, reactivities to air and CO2 of sixteen chars produced
from coals of varying rank will be considered.

THEORETICAL CONSIDERATIONS

It is well to review briefly the structure and thermal behavior of coals insofar
as they will determine whether a char is produced from coal and what physical
characteristics the char will possess. Extensive x-ray, infrared, and NMR studies
have been conducted on coal; and even though there is not today complete agreement on
the "building blocks'" which make up coal, we will take a position. Our position is
based primarily on the detailed x-ray studies of Cartz and Hirsch (3).

Coals are composed of aromatic and hydroaromatic layers, terminated at their
edges by various functional groups and crosslinked by various functional groups. The
average size of the layers and the number aligned closely parallel increase with
increasing rank of coal. More or less poor alignment between packets of layers pro-
duces internal porosity and results in coal being a microporous material. Upon heat
treatment all coals lose volatile matter, primarily from the periphery of the layers.
Further, some coals soften extensively, form an anisotropic mesophase, which coalesces
into a coke (4). Other coals, upon heat treatment, do not soften (they behave as
thermosetting materials) and are converted to a char. The extent of softening is
thought to be primarily determined by the concentration and thermal stability of the
crosslinking groups. The micropore structure which was in the precursor coal is
essentially preserved in the char if it has not been taken to too high a temperature.
Indeed the microporosity can become more accessible to reactant gases because of loss
of volatile matter. However, if the processing temperature 1s taken too high, micro-
porosity in the char is rapidly lost. This is a result of the thermal breakage of
crosslinks between planar regions in the char, allowing improved alignment of these
regions with loss of porosity between regions. The structure of chars is envisioned
as being composed of small trigonally bonded planar regions, terminated by markedly
fewer hetero-atom functional groups than in the original coal, and still containing
substantial (but somewhat less) crosslinking than the original coal. The exact structure
of a char produced from a gilven precursor coal can be changed by altering such variables
as: possible coal pretreatment (to introduce more crosslinks), coal particle size, rate
of heating, maximum temperature and time at maximum temperature, atmosphere and total
pressure present during heating. It is with this background that the reactivity of coal
chars can be considered.

Active sites To understand the kinetics of the gasification of a carbonaceous
solid, a correct term for the concentration of sites which can potentially take part in
the reaction is needed. Given the ability to measure total surface areas of solids by
physical adsorption of gases in 1938, efforts were made to correlate gasification rates
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of carbonaceous solids with their total area. These efforts were not successful.
Finally, in 1963 Walker and co-workers (5) showed for the C-O2 reaction that the appro-
priate concentration term was that given by dissociative oxygen chemisorption onto
sites —- this was a measure of active sites. Later Walker and co-workers (6), Hennig
(7), and Thomas and Roscoe (8), showed clearly that the active sites involved in the
gasification of carbon in a trigonally bonded solid are those located at the periphery
of layer planes and at vacancies and non-basal dislocations within layer planes. In
this 1ight, it can be said that if one wishes to maximize the reactivity of coal chars,
the average crystallite size should be kept to a minimum and the defect concentration
in the layer plane kept to a maximum.

Mags transport limitations Thiele (9), Zeldowitsch (10), and Wheeler (11),
ploneered the concept that for a gas interacting with a porous solid the active sites
within the solid, under some circumstances, may be exposed to the reactant gas at a
concentration significantly lower than its concentration at the surface of the solid.
This can result in the "utilization efficiency" of the active sites for gasification
becoming <<1. The phenomenon occurs at higher gasification rates when a large concen~
tration gradient of reactant between the surface of the gsolid and its center 1s needed
to supply the gas within the solid for reaction. The situation has been considered in
detail by Walker and co-workers (1) for the gasification of carbon. Figure 1 presents
an 1dealized Arrhenius plot depicting the situation, when one considers a half cylinder
of porous carbon. In Zone I, the reactant concentration gradient is negligible within
the solid; the utilization efficiency, n, of active sites is ~ 1. With increasing
temperature and gasification rate, n eventually + 0. In a char gasification process,
it is important to locate the zone in which reaction is occurring in order that the
kinetics may be understood.

Mass transport limitations are expected to vary significantly as chars produced
from coals of different rank are gasified. That is, coals and coal chars have a
trimodal pore distribution, with most of the active sites located within the micropores
which are defined as being less than 12A in diameter (12). Walker and co-workers (13)
have shown that the rate of gaseous diffusion within the micropore system is slow and,
indeed, an activated process for pores (apertures) less than about 5A. Thus it is
certain that if the sites located in the micropores are to be well utilized for reaction
(that is n + 1), the interior of the solid must have an adequate number of larger,
feeder pores off which the micropores connect. Diffusion through the feeder pores to
the mouths of the micropores will be reasonably rapid; and, therefore, reactant concen-
tration at the mouths of the micropores can closely approach the value of reactant
concentration at the exterior particle surface.

Walker and co-workers (12) show that low rank coals tend to have a greater
percentage of their total pore volume in larger pores than do the higher rank coals.
Thus, it is expected that chars derived from the lower rank coals will have a larger
feeder pore system and be less mass transport limited during their gasification.

Catalysis Almost every metal in a reduced and/or oxidized state is a catalyst
for carbon gasification (2). Catalyst activity varies between impurities and with their
concentration and extent of dispersion (ratio of atoms in the surface to total atoms).
Specific catalyst activity, that is activity per unit catalyst weight, usually decreases
as the amount of catalyst present and its particle size increase (2). Therefore, even
though most of the inorganic impuritiy content in most coals is located in the mineral
matter, the possible catalytic activity of trace and minor elements (present as
organo-metallics) cannot be ignored. That is, many of the trace elements are very
highly dispersed within the coal matrix compared to the extent of mineral matter
dispersion.

. In this regard the situation with lignitic chars 1s most interesting. Lignites
have high concentrations of carboxyl groups at the edges of their layers. Ion exchange
has occurred in nature with cations like calcium replacing a significant amount of
hydrogen on the carboxyl groups. Upon the thermal conversion of lignites to chars, the
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carboxyl groups decompose depositing large amounts of highly dispersed calcium (and
other metals) onto the char surface. Probably, as a result, the reactivity of chars

EO air has been found to correlate reasonably well with the amount of calcium present
14).

EXPERIMENTAL

The coals used were the same as those used in a previous reactivity study (14).
Table 1 presents analyses of the coals. Methods of char preparation and procedures
for measuring char reactivity have been described previously by Jenkins et al on their
studies in air (14). A small quantity of coal (5-10 mg) was placed on a Cahn Model RG
Electrobalance of a Fisher TGA apparatus and heated at a rate of 10°C per min to

1000°C in a N, atmosphere. Samples were held at 1000°C until no further weight loss
was detectable.

Selected coals were treated with warm 10% HCl for 48 hr, followed by their being
wagshed with water, dried, and charred. Demineralized samples were prepared by taking
acid washed coals and treating them with warm HF, followed by extensive washing and
drying prior to charring.

Samples of PSOC 127, a relatively unreactive low volatile coal char, and PSOC 87,
a highly reactive lignite char, were chosen for an investigation of the effect of
particle size on reactivity. Both chars derived from the parent coals and demineral-
ized coals were studied. Approximately 40 g of each coal of 40x100 mesh particle
size were further ground using a pestle and mortar. The ground coals were then hand
sifted for 20 min to obtain four cuts: +100, 100x150, 200x325, and -325 mesh. Chars
were prepared and reactivities measured for all cuts.

In this study reactivity of chars to CO, has been measured, with the objective of
comparing reactivities with those measured previously in air (14). Since the carbon-
carbon dioxide reaction is a much slower reaction than the carbon-air reaction (1), it
must be carried out at a much higher temperature to obtain the same rate as for the
air reaction. A temperature was selected at which the rate of reaction of the more
reactive lignites in CO, corresponded closely to their reactivities in the air at 500°C.
Such a temperature was 600°C for the 40%x100 mesh coal-derived chars. The use of less
than 5 mg of char ensured that the reactivity per unit weight of char was independent
of char weight (or bed depth).

Following preparation of a char at 1000°C, it was cooled in dry N, to 900°C prior
to reaction. Dry CO, was admitted at a flow rate of 300cc (NTP) per minute, and weight
of the char was cont%nuously recorded. As with the air reaction, burn-off curves
usually go through three regions of reactivity: purge and activation, linear burn~off
rate, and decreasing burn-off rate. During the linear region the char loses weight but
increases in specific surface area because of activation. This region continues until
the specific surface area no longer increases; the gasification rate begins decreasing
and the third region is entered. The linear region for each coal varies in duration,
but in each case the rate in the linear period is measurable. The linear region
represents the maximum rate at which chars gasify.

Reactivities of the chars were calculated as follows:

R = reactivity of the char (mg hr'lmg_l)
W = weight of initial char on ash free basis (mf)
dw/dt = change in char weight with time (mg hr—1)




‘48

RESULTS AND DISCUSSION

Figure 2 plots reactivity of the chars versus carbon content of the parent coals
for both the CO, and air reactions. As with the air reaction, the lignites are the
most reactive cﬁars and have the widest spread of reactivity values. Reactivities in
€O, and air at 900°C and 500°C, respectively, are closely similar for all chars. The
lowest reactivity for both reactions was recorded for a char from LV bituminous coal
PSOC 127. For the CO, reaction this coal was over 150 times less reactive than was a
highly reactive Montana lignite, PSOC 91. This low reactivity of PSOC 127 char 1is
attributed to a relative absence of large (feeder) pores in coal of this rank and,
hence, poor utilization of the surface area in the micropores for reaction. The high
reactivity of the lignites is attributed, at least in part, to a large percentage of
pore volume in macro and transitional pores and, hence, better utilization of the
micropore surface area for reaction.

Ash in the coals was studied by Jenkins et al (14). The ash was analyzed for K
plus Na, Ca, Mg, and Fe. A reasonably good linear correlation between increasing Ca
content (up to about 7% Ca0 in the coal) and increasing reactivity of the chars in
air or CO, was found. A similar correlation for Mg was found up to about 1% MgO. No
correlations were found for Fe or for Na plus K.

Reactivity measurements were made in CO, on four particle sizes of chars from
original and demineralized samples of PSOC 157 and 87, Results are listed in Table 2,
For all samples, a decrease in particle size results in an increase in reactivity

which 18 an indication that reactivities are in part controlled by diffusional
resistance of CO, into the interior of the particles. Whereas reduction in particle
size of PSOC 87 %rom 40x100 to 200x325 mesh results in a reactivity increase of only
2.7 fold, a similar particle size reduction of PSOC 127 results in a reactivity increase
of 35 fold. The fact that particle size reduction of PSOC 127 has a very marked effect
on increasing reactivity is as expected since this char, produced from a low volatile
coal, presents a high resistance to the internal diffusion of reactant gases.

For each particle size studied demineralization of PSOC 87 results in a decrease
in reactivity, whereas demineralization of PSOC 127 leads to an increase in reactivity.
These results show the important roles and balance which catalysis and mass transport
resistance play in affecting reactivity of coal chars. For PSOC 87, mass transport
resistance is at a minimum since lignites and their chars possess significant macro
and transitional (feeder) porosity. Introduction of additional feeder porosity by
mineral matter removal results in decreasing mass transport resistance relatively little
compared to the effect of mineral matter removal on decreasing catalytic activity for
gasification. By contrast, since PSOC 127 has little macro and transitional porosity,
removal of mineral matter results in a dramatic increase in this porosity and, hence,
a substantial decrease in mass transport control of gasification. In this case the
decrease in mass transport resistance more than offsets the loss of catalytic activity
due to mineral matter removal.

‘'Thus reactivity of chars which differ by more than 100 times can be brought
increasingly closer together by reduction in their particle size and/or acid treatment
of the parent coal. Undoubtedly other approaches are available to modify reactivities
of chars. Some of these are being studied at present.
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CATALYZED GASIFICATION OF COALS AND COAL CHARS
by

K.A. Wilks, N.C. Gardner, J.C. Angus
Department of Chemical Engineering
Case Western Reserve University
Cleveland, Ohio 44106

INTRODUCT ION
The alkali metal or alkaline earth oxides, hydroxides, and carbonates
have long been known as excellent promotors of the steam and hydrogen
gasification reactions, although the catalytic mechanism is not understood.
(Reference 1 contains a good review of gasification technology up to 1963.)
Recent work on catalysis is focusing on substantiation and understanding
of much of this past work. , Some of the most recent findings are:

1. Alkali metal compounds are the most active in promoting
increased gasification rates [2,3,4,5,6,7]. A few metals,
e.g., Ca, may be as catalytically active as the alkali
metals [2,3].

2. Catalyst contacting by impregnation appears to be the )
most effective [1,7,8,9]. Very little is known about
dual catalyst systems [10,11]).

3. Studies of catalysis of various carbon systems by Walker
et al {12] have pointed out that: a) the chemical state
of the catalyst is critically important, b) for pure
carbon, substantial catalytic effects are observed with
catalyst concentrations in the parts per million range,
c) anions play an important role, d) even for pure carbons
the mechanism of action.of the catalysts is not understood.

4. A kinetic model has been proposed bascd on the carbon
structure becoming more graphitic with increasing extent
of reaction [3,4]. Others have noted changes in the carbon
structure and activation energy upon gasification (7,9,13,14].
The present work looks at the effect on reactivity of dual catalyst
systems, varying catalyst. concentrations, catalyst annealing, and catalyst

preparation.

EXPERIMENTAL

The char, obtained from FMC Corporation, was derived from an 1lllinois No. 6
coal pyrolyzed at.1550°F (for complete analysis see Reference 3). The coals,
obtained from Pennsylvania State University,were PSOC 4, a high volatile A
Elkhorn #3 seam in Deane, Kentucky, and PSOC 106,

a high volatile B bituminous coal from the Indiana #1 Block Jefferson Twp.,
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Indiana (for complete analysis, see Reference 15). All catalysts were
deposited by impregnation from water solutions [4] except where noted, and all
‘catalyst percentages are expressed as weight of the metal.

All experiments were carried out in the high temperature, high pressure

thermobalance described earlier [3,4]. Procedures were identical to those

in the earlier work.

RESULTS

Gasification of the FMC char in steam showed that potassium and sodium
bicarbonates exhibited the greatest catalytic activity. Similar earlier
experiments with this char in hydrogen gave the same results [3]. (The
effectiveness of the catalysts can be judged by comparing the time to 90%
conversion, XA = .90, given in Table 1.) Other work with this char also
showed that potassium concentrations on the order of 1 wt. % had little or
no effect. This might be e§pected considering the quantity of metal already
present in the char as ash. Increasing the catalyst concentration to 5 wt. %
and 10 wt. Z gave significantly greater rates of carbon gasification {16].

Gasification rates with caking high volatile bituminous coals at 850°C
and 500 psi steam varied approximately with the apparent geometric
surface area of the sample. All experiments carried out with these coals were
performed under identical conditions so that the comparison of relative catalyst
effectiveness would be valid. Dual catalyst experiments with the PSOC coals
showed that 5 wt. % K,C03 was more active than mixtures of 5 wt. % potassium
plus 5 wt. Z of other metals (see Table 1). Potassium carbonate by.itself
produced methane yields close to the best potassium-cracking catalyst combina-
tion K2C03-{(Al1203)(8102)3] and potassium-methanation catalyst combination,
K2€03-CoC03-M003.

Annealing these coals in helium at the reaction temperature for 400
seconds with catalyst present gave increased rates. The non-catalyzed PSOC &
which has a very low ash content, showed no change upon annealing, ‘The non-

catalyzed PSOC 106, which has a very high ash content, exhibited significant

‘rate increases upon annealing. Also,‘annealing the K2CO3-ZnO dual catalyst

on PSOC &4 particularly enhanced the rate. Moderate to substantial yields in
methane were observed for annealed samples,
In general, impregnation of the catalyst from water solution on the sample

was more effective than dry mixing. An exception was tungsten disulfide which
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mixed and adhered exceptionally well with the coal in the dry state. This
catalyst gave better activity mixed dry than it did upon impregnation. Dry
catalyst experiments with sodium sulfide also showed a greater ability to
adhere to the coal than sodium sulfate, sulfite, phosphate, and carbénates.
The addition of 30 % CO to the inlet H20 decreased the catalytic activity
for the three dual catalysts tested.

Reactivity of the catalyzed and non-catalyzed PSOC coals was also
measured at 650°C and similar catalytic activities were noted for the
potassium combinations. Lowering the temperature decreased the volatile
yield as expected, Addition of catalysts had little or no effect on volatile
yield at 650°C or 850°C. The effect of annealing was also decreased at 650°C.
The reacéivity with a catalyst present increased modestly with annealing;
however, the total methane yield dropped, instead of increasing, as at 850°C.
In general, the catalysts reduced total methane production compared to the
non-catalyzed coal at 650°C. However, total méthane yields from the catalysts

at 650°C were the same or greater than the non-catalyzed coal at 850°C.

DISCUSSION
Two simple semi-empirical models were used here to fit the data. The
first model is that discussed earlier by two of the present authors [4], and

the second is a generalized form of a model proposed by Johnson [17]

=%

-bx

Model 1: i Kl e (1-x) where x = fractional conversion of coal, and
Model 2: %% = K2 (l—x)n n, b, Kj, K2'= constant

Each model will fit the data with equal accuracy and there is little
evidence to indicate one is more valid than the other. However, some
interesting results have been observed. For the non-catalyzed FMC char at
950°C and the non-catalyzed PSOC coals at 650°C, the reaction order appears to
be lst order (n=1l) with respect to the mass of carbon present. This is most
easily explained by the reaction taking place throughout the entire mass of
the sample and has been reported by other investigators for various gas-carbon
reactions [13,14,18]. Gasification rates of the non-catalyzed PSOC coals at
850°C varied with apparent sample geometric area. These coals showed very
negative b values by model 1, and a shift of n to approximately 2/3 in model 2.
Negative values of b indicate that the activation enthalpy is decrcqsinn as con—

version proceeds and that the char is becoming easier to gasify. The results
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may indicate a surface reaction or catalyst diffusion controlling model.
Surface reaction control has been observed by others for steam and oxygen
gasification of carbon [14;17,19].

Increasingly more negative values of b were observed in model 1 as
the gasification rate of the catalyzed FMC char increased. There was no
obvious trend in the values of b in model 1 for the catalyzed PSOC coals.
Model 2 showed decreases in the value of n to around n=2/3 for the catalyzed
FMC char. Values of n in model 2 for the catalyzed PSOC coals were very low,
possibly indicating a shift to film diffusion control in the Stokes Regime
where n = 1/3 [20].

ActiVation enthalpies calculated for the coals from the 650°C and
950°C data were rather low, again indicating that the gasification reactfon
was not taking place under pure chemical reactidn rate control (for PSOC 4,
Af; = 16.4 kcal/gmole and AH, = 11.3 kcal/gmole; for PSOC 106, AHi = 19.7
kcal/gmole and AHy = 16.6 kcal/gmole. v

The PSOC coals were examined‘by scanning electron microscopy and electron
microprobe analysis for such features as particle structure, catalyst dis-
tribution, and structural changes at the catalyst sites as a result of
pasification.

The particles of the PSOC 4 coal expanded considerably upon initial
gasification. PSOC 106 changed but to a much lesser degree. This metamorphosis:
produced a highly porous structuré in the PSOC 4 coal and a lesser evolved
interior in the PSOC 106. Addition of catalysts had no macroscopic.effect on
this process and remained on the surface of the coal particle.

The use of catalysts to enhance gasification rates could be a significant
contribution to present technology. However, economic viability is of para-
mount importance. Savings from decreases in endothermic heat requirements
hopefully could offset catalyst costs. Equilibrium calculations of a 1 to 1
steam to carbon ratio at 500 psi show that the heat of reaction to form the
equilibrium composition is reduced from approximately 22.0 kcal/gmole at
900°C to 7.0 kcal/gmole at 650°C. 1If all of the heat for this reaction were
supplied by a 13,000 BTU/1b coal at $20/ton for a 12,000 ton/day or
250 MM SCF/day gasification plant, that would amount to operational savings of
approximately $33,000/day. To break even, the cost of a catalyst contatning
50 wt. % potassium deposited at 10 wt, Z potassium on the coal would have to be

approximately $15/ton, assuming no catalyst recovery. Much more



56

research will be necessary to support catalyst utility. Substantial
methane ylelds from catalysts at 650°C will be necessary. Steam to carbon
ratios in our present apparatus are too high (10:1) to be specific about

methane production at practical process conditions.

SUMMARY

Potassium salts were found to be catalytically more active when used
singly than in combination with cracking or methanation catalysts. The
gasification rates of the PSOC coals at 850°C were not solely controlled by
chemical reaction rates. Increase in rates upon annealing indicate that
catalyst diffusion and reaction with the coal (and char) may be limiting

the rates In some cases.
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GASIFICATION OF MONTANA LIGNITE IN HYDROGEN AND IN
; HELIUM DURING INITIAL REACTION STAGES

James L. Johnson

Institute of Gas T echnology
3424 South State Street
, Chicago, Illinois

INTRODUCTION

, Light hydrocarbon yields obtained during the initial stages of coal gasi-
fication are of particular importance in affecting overall performances and

‘ thermal efficiencies of processes directed toward conversion of coal to

. pipeline gas. It is during this gasification stage that coals undergo devola-

| tilization reactions leading to the formation of carbon oxides, water, oils

and tars, and, most importantly, significant quantities of light hydrocarbons,

particularly methane, in the presence of hydrogen at elevated pressures.

Since, however, the exceptionally high reactivity most coals exhibit for

methane formation during initial reaction stages is transient, existing only

for a period of seconds at higher temperatures, rational design of commercial

systems to optimize methane yields requires as detailed a kinetic character-

l ization of pertinent processes occurring as is possible. Because of its

R -

importance, this reaction has been studied in a variety of experimental
investigations, using fixed beds (1,5,6,7, 10), fluidized beds (2,7, 10), and
dilute solid-phase systems (3,4,8,9,11,12). In spite of the extensive amount
of information obtained from these studies, however, primary emphasis in
the development of kinetic correlations has been placed on description of
total methane yields obtained after relative deactivation of coal solids has
occurred, rather than on the more detailed behavior occurring during the
transient period of '"'rapid-rate' methane formation. Although this existing
information is of significant value at one level of process design, it is
primarily limited to application to large-scale systems in which reaction
conditions closely parallel the laboratory conditions employed in obtaining
the information.

) oo

T

This current investigation has, therefore, been stimulated by the need for
additional information that quantitatively characterizes intermediate reaction
4 processes occurring prior to completion of the '"rapid-rate' methane

formation reaction. In this study, a continuous dilute-phase transport

r reactor has been employed having the particularly unique feature of variable
temperature control along the length of the reactor, which permits the

’, establishment of various desired gas-solid, time-temperature histories.

This paper discusses some initial results obtained with this experimental
system for gasification of Montana lignite in hydrogen, helium, and hydrogen-
helium mixtures, under the more conventional conditions of isothermal
operation, and under conditions of constant gas-solid heat-up rate (~50°F/s),
Results are reported for tests conducted at temperatures from 900°F to
1550°F and pressures from 18 to 52 atmospheres.
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EXPERIMENTAL

Apparatus and Procedures

The composition of the Montana lignite used in this study is given in
Table 1, and a schematic diagram of the experimental apparatus is shown in
Figure 1. The main component of the experimental system is a helical-coiled

Table !. FEED COMPOSITION

(Montana Lignite, Dry Basis)

Ultimate Analysis
Carbon
Hydrogen
Oxygen
Nitrogen
Sulfur
Ash

Total

Proximate Analysis
Fixed Carbon
Volatile Matter
Ash

Total

Mass, %

65.13
4.13
24,20
0.89
0.57
5.08
100. 00

51.30
43.62
-5.08
100. 00

transport reactor formed from a 1/16-inch-ID tube. General information
describing the reactor coil is given in Table 2.

The diameter of the coil is

Table 2. REACTOR-COIL DATA

Total Tube Length
Tube ID .
Tube OD
Tube Material :
No. of Individually Controlled
Heating Zones
Tube Length Per Zone
Helix Dimensions
Electrical Resistance per
22, 2-ft Tube Section
Transformer Output
Zones 1-6
Zones 7-9
Maximum Power Requirement
for Transformers (total)
Maximum Operating Temperature
Maximum Design Pressure

Temperature Controller Type

200 ft

1/16 in.

1/8 in,

316 stainless steel, seamless

9
22.2 ft
1-ft diameter X 2-1/2 ft high

1 ohm

35 volts, 35 A
40 volts, 40 A

12kW

1600°F

1000 psi
Weathermeasure, TRA-

Triac-Triggered SCR gate
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about 1 foot, with a total tube length or 200 feet and a vertical reactor height
of about 2-1/2 feet. With this design, gas flow rates of 5 to 50 SCF/hr and
solids flow rates of 50 to 500 gph are possible. The relative gas-solids flow
rates used in individual tests were such that solids/gas volume ratios were
less than 0.02. The solids particles used in this system were relatively
uniform in size, ranging in diameter from 0.0029 to 0.0035 inch. Such small
particles flowed essentially at gas velocities, and calculated temperature
differences between the gas and solids and between the reactor tube wall and
the flowing gas-solids stream were negligible.

The reactor tube itself serves as the heating element, and electrodes are
attached directly at various points along the length of the helical coil. Nine
independent heating zones are thereby incorporated into the system to provide
flexibility in establishing desired temperature profiles.

In a typical experimental test, the following operational procedures were
generally used:

Initially, the system is brought to a desired pressure, and a preliminary
temperature profile is established in the reactor coil by adjusting the controls
for the nine heating zones. When feed-gas flow is established at a desired
rate, the flow from the solids feed hopper is initiated. Solids are screwed
into a mixing zone, there combining with the feed gas, and the resulting
mixture then flows through the reactor coil. The temperature in the mixing
zone is maintained equal to the temperature at the entrance of the coil —
usually about 600°F. This is sufficiently high to inhibit steam condensation
at the highest pressures used in this study, but low enough to inhibit any
significant reaction of coal solid.

When both gas and solids flows are begun, the final desired temperature
profile is established in the reactor tube. In the various tests conducted, the
temperature either increased along the coil in the direction of gas-solids flow
or was maintained at a constant value. For increasing temperatures, the
temperature-versus-distance characteristic along the coil corresponded to a
linear relationship between the temperature and the gas-solids residence
time in the coil of about 50°F/s. In isothermal tests, gas-solids residence
times ranging from 5 to 14 seconds were employed.

The hot gas-solids mixture exiting from the bottom of the reactor coil
passes through an initial quench system that rapidly reduces its temperature
to approximately 600°F to inhibit further reaction. At this point in the
system, a lower temperature is avoided in order to prevent steam from con-
densing on the solids. The partially cooled mixture then proceeds through
one of three solids filters, which retains the solids but permits gas flow.
The gas continues through a condensor that removes water and oils and then
passes through a gas-sampling panel, which is used intermittently to obtain
gas samples for mass spectrographic analysis. In some of the tests con-
ducted, the product gas was also continuously monitored with a Beckman
Model 400 hydrocarbon analyzer to measure the total concentration of
carbon in hydrocarbon species.
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The data of primary interest in a given test corresponded to steady-state
operation. Since a certain amount of time is required to achieve such
operation, certain facilities are incorporated into the system to permit the
collection of solid residues corresponding to steady-state operation but not
contaminated with residues resulting from unsteady-state operation. To
accomplish this, the product solids could be collected in any of the three
solids filters, depending on the position of a multiple-exit hot valve (valve V2
in Figure 1). During unsteady-state operation, when the desired gas and
solids flows and the temperature profile in the reactor coil were being es-
tablished, the product gas and solids flows were directed through solids
filter A, When steady-state conditions were established, the product gas and
solids were directed through solids filter B, which then accumulated a solids
residue for analysis. Before the end of some tests, a direct determination
of the solids inventory in the reactor coil was made to estimate the average
solids residence titnes. This was accomplished by simultaneously closing
valve V1 at the top of the coil, stopping the screw feeder, and diverting the
product gas and solids flow through solids filter C. Valve V1 is a hot valve
fitted with a solids filter that stops solids flow but permits gas flow when in
a closed position. After these simultaneous operations, the solids inventory
in the reactor coil is accumulated in solids filter C. Average solids resi-
dence times computed from chemical analyses and weight measurements of
these solids generally corresponded very closely to calculated gas residence
times, indicating negligible gas-solids slippage in the reactor coil.

Data Analysis

The experimental system employed in this study is an integral system in
the sense that the gas, liquid, and solids conversion determined by analyses
of the reactor-coil exit streams are the result of chemical interactions
occurring along the length of the coil under systematically varying environ-
mental conditions. With this type of system, the information required for
proper kinetic characterization includes definitions of the conversions and
local environmental conditions along the entire length of the coil, not only at
the exit. Although this information could not be obtained in a single experi-

mental test, a good approximation was achieved by series of properly designed

tests. The basis for design of such test series depended on the fact that the
gas and solids were essentially in plug flow through the coil, and slippage of

the solids relative to the gas flow was negligible, since, under these conditions,

both gas and solids conversions could be expressed solely as a function of
pressure, initial gas/solids feed ratio, temperature, and temperature-time
history,

Individual tests in isothermal test series were conducted at the same
temperature, pressure, feed gas/solid ratio, and feed gas composition,
varying only total feed gas and solids flow rates to obtain results as a function
of residence time. Individual tests in test series conducted at constant heat-
up rate conditions were designed to obtain results as a function of final
temperature at the same pressure, feed gas/solids ratio, feed gas compo-
sition, initial temperature, and heat-up rate. This was accomplished by
varying the feed-gas flow rate and temperature profile in individual tests
according to the following expressions:

AP I Y A S L S
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z
Go = zgd('rr;zl_f Tot) 2
and
T = [T+ (T2—T?)z/L]'/? 2)
where
z = length at intermediate point along the reactor coil
L. = total length of reactor coil
To = temperature at entrance of reactor coil
. Ty = temperature at reactor-coil exit (final temperature)
T = temperature at intermediate point z along the reactor coil
G, = feed-gas flow rate (mol/time)
R = gas constant
d = reactor-tube diameter
o = gas-solids heat-up rate
P = pressure

With this approach, and in the absence of catalytic reactor wall effects, yields
obtained in individual tests conducted at a constant heat-up rate at various final
temperatures could be interpreted as approximating yields occurring along

the length of the reactor coil in a single test conducted at the maximum final
temperature employed.

The question of reactor-wall-catalyzed reactions was investigated in a
series of preliminary tests with simulated feed gases in the absence of coal
solids. The results of these tests indicated that the only reaction of signi-
ficance that occurred in the presence of typical concentrations of the major
gas species was the water-gas shift reaction, which was initiated at approximately
1200°F.

RESULTS

Feed-gas compositions used in individual test series are given in Table 3
along with a definition of notation to distinguish primary results obtained in
these test series, as illustrated in Figures 2 to 12. This notation is also
applicable to Figures 13, 14, 15, and 17. In the presentation of experimental
results, various species and species groups that evolved during gasification
have been catagorized as follows:
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e Carbon monoxide, carbon dioxide, hydrogen, methane, ethane,
and benzene: Determined by mass-spectrographic analysis of
dry product gases.

e Water: Computed as the difference between total oxygen gasified
and oxygen present in carbon monoxide and carbon dioxide in the
product gas.

e Unknown gaseous hydrocarbon: Computed as the difference between
total carbon in gaseous hydrocarbon species, as determined by a
hydrocarbon analyzer, and carbon present in methane, ethane, and
benzene in the product gas.

e '""Heavy hydrocarbon'': Computed as the difference hetween total
carbon gasified and carbon present in carbon monoxide, methane,
and ethane.

The basis for this classification of species and species groups is related to

the accuracies of analytical measurements in this study. Such measurements
were limited by the fact that, in all tests conducted, the concentrations of
reaction products in the dry product gas were less than 5% by volume (CO or
CO;, 0% to 1.5%; CH,, 0% to 3%; C,H,, 0% to 0.8%; C¢H, 0% to 0.3%). These
conditions were employed so that, in individual tests, the partial pressures

of feed gas components were essentially constant throughout the length of the
reactor coil, which facilitates quantitative kinetic analyses.

Table 3. FEED-GAS COMPOSITIONS

Notation in Feed Gas Pressure, atm Temperature Profile )
Figs, 2-15, 17 H, He Total Isothermal Constant Heat-up Rate
[ ) 0 35 35 X
a 18 0 18 X
A 18 17 35 X
0 35 0 35 X
v 52 0 52 X
L 3 0 35 35 X .
-\ 18 0 18 X
A 18 17 35 X
A 35 0 35 X

The direct measurement of water yield in condensed liquid products was not
usually accurate because of the relatively small amounts obtained and the un-
certainty of the quantity of this species that was not condensed in the knockout
pot. Computed values for the yield of this species are likely to be somewhat
greater than actual yields because of the likelihood that some oxygen could be
combined in oils and tars, This error, however, is probably small,

The measurement of concentrations of gaseous hydrocarbon species, other
than methane and ethane, and to a lesser degree benzene, by mass-spectro-
graphic analysis was difficult for the test conditions used because of the small
molecular concentrations of individual species. Although measurements of
benzene concentrations in the gas were sufficiently accurate to be meaningful,
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the interpretation of this concentration in terms of total benzene yields is
questionable because some of the benzene formed in the reactor coil may have
condensed in the knockout pot, but later may have vaporized when the liquid
products warmed to ambient temperatures prior to containment.

The unknown-gaseous-hydrocarbon group probably consists primarily of
lighter aliphatic species such as ethylene, propane, propylene, butane, and
butylene. The heavy-hydrocarbon group consists of the potentially
condensible tars and oils, including benzene, and the unknown-gaseous-
hydrocarbon species. In a few of the tests conducted, sufficient condensed
hydrocarbon liquids were recovered to make direct experimental evaluations
of total carbon balances. The fact that these balances showed better than
98% recovery suggests that, in the majority of tests in which insufficient
liquids were recovered for quantitative analysis, the computed difference
between the carbon in the heavy-hydrocarbon group and the carbon in the
unknowmn-gaseous-hydrocarbon group probably is quite representative of the
carbon in the actual condensed hydrocarbons, when benzene yields are
negligible,

The results given in Figures 1 to 12 exhibit the following major trends:

Evolution of Major Coal Components: Carbon, Oxygen, and Hydrogen
(Figures 2, 3, and 4)

The evolution of total carbon from the coal solids generally increases with
increasing temperature and hydrogen partial pressure, with conversions ob-
tained for isothermal operation being greater than for operation at constant
heat-up rate. Total oxygen evolution from coal solids also increases with
increasing temperature, and although conversions obtained in hydrogen are
greater than in helium, no significant effect of hydrogen partial pressure on
conversion is apparent in the range from 18 to 52 atmospheres. As with
total carbon conversion, total oxygen evolution is also greater under iso-
thermal operation. Total evolution of hydrogen from the coal solids increases
with increasing temperature and is greater in isothermal tests, but is not a
significant function of hydrogen partial pressure. This is a particularly
important result, indicating that hydrogen evolution is primarily a thermally
activated phenomenon dependent only on time-temperature history,

It is also of significance that the results shown in Figures 2, 3, and 4 for
operation with a hydrogen-helium mixture (hydrogen partial pressure = 18
atmospheres) are essentially identical to results obtained with pure hydrogen
at a total pressure of 18 atmospheres. This similarity is also apparent in
yields of gasified products and suggests that hydrogen partial pressure and
not total pressure is the main parameter affecting kinetic behavior during the
initial gasification stages of Montana lignite. A somewhat different effect
has been observed in an investigation with bituminous coal by Anthony (1),
where it was found that initial gasification yields tended to increase with
increasing hydrogen partial pressure, but to decrease with increasing total
pressure. This effect was explained as being due to increased diffusion re-
sistance within the coal structure. This was not observed in this previous
study with lignite, which does not become plastic during devolatilization,
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Oxygen-Containing Product Species (Figures 5 and 6)

For tests conducted at a constant heat-up rate, total carbon dioxide evolu-
tion is completed below 1000°F (Figure 5). The amount evolved (about
0.029 g-mol/g-atom feed carbon) is essentially the same in hydrogen and in
helium and is independent of hydrogen partial pressure. This amount is
probably reflective of the concentration of carboxyl functional groups in the
raw lignite. As temperature increases above 1000°F, the carbon dioxide
yield remains substantially constant up to about 1200°F, then decreases with
further increases in temperature for tests conducted in hydrogen, but in-
creases with further increases in temperature for tests conducted in helium.
These variations above 1200°F are probably due to the water-gas shift reaction,
as suggested by results of tests conducted in the absence of coal solids. The
dashed line shown in Figure 5B represents the assumed carbon dioxide yield
for the case in which no water-gas shift occurs and was used as a basis for
adjusting the total oxygen distribution in directly evolved species, as
illustrated in Figure 6

Hydrocarbon Product Species (Figures 7 to 12)

Methane-plus-ethane yields are highly dependent on hydrogen partia.l
pressure (Figure 7). For tests conducted at a constant heat-up rate in
hydrogen, methane-plus-ethane formation is slight below 1000°F {about
0.01 g-atom carbon/g-atom feed carbon), With further increases in tem-
perature, yields in helium increase slightly, leveling off at a value of about
0.03 g-atom carbon/g-atom feed carbon above about 1300°F; in hydrogen,
dramatic increases in methane-plus-ethane yields occur with increasing
temperature. From about 1000° to 1200°F, this increase is about the same
for hydrogen partial pressures from 18 to 52 atmospheres; above 1200°F,
methane-plus-ethane yields increase with increasing hydrogen partial
pressure, and yields at all pressures tend to suggest leveling off at higher
temperatures. Reasonable extrapolation of the curves shown would indicate
little increases in yields above about 1700°F for the reaction times employed.

Methane-plus-ethane yields obtained in isothermal tests are essentially
independent of gas-solids residence times ranging from 5 to 14 seconds and
are the same as yields obtained in constant heat-up rate tests at 1000° and
1400°F. This is true for tests conducted in hydrogen and in helium. At
1200°F, yields obtained in isothermal tests are somewhat greater than those
obtained in constant heat-up rate tests.

The sum of methane plus ethane has been referred to in the above dis-
cussion instead of the yields of each species individually because of an
apparent stoichiometric rela.tionshlp between the formation rates of each
species. One such indication is illustrated in Figure 8, which shows that
ethane yields are approximately directly proportional to methane yields up
to values of methane yields of about 0,06 g-atom carbon/g-atom feed carbon.
At higher methane yields, ethane yields tend to approach a maximum and
then decrease with further increases in méthane yields, with the maximum
increasing with increasing hydrogen pressure, This behavior can be ex-
plained by assuming that, at all temperature levels, ethane is formed in
direct proportion to methane, but that, at sufficiently high temperatures (above

about 1300° to 1400°F), ethane converts to methane in the presence of hydrogen.
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The increasing maximum ethane yields with increasing hydrogen pressure
can be explained by noting that these maxima occur at about the same tem-
perature. This is demonstrated in Figure 9, which shows that the ratio of
ethane-to-methane yield is apparently a function only of temperature and
not pressure. This evidence suggests that hydrogen attack on lignite does
not result in formation only of methane at any level of temperature, but
rather results in a formation of both ethane and methane in a fixed ratio.
Examination of data available in the literature (5, 6) suggests that this ratio
tends to decrease with increasing coal rank.

The heavy-hydrocarbon yields shown in Figure 10 are substantially constant
above 1000°F for tests conducted at constant heat-up rates, and yields ob-
tained in hydrogen and in helium are generally similar. This species group,
consisting of oils, tars, and light aliphatic gaseous species, apparently is
formed below 1000°F, and although variations in the distribution of individual
species within this group are likely at higher temperatures, there is
apparently only limited transformation of species in this group to methane,
ethane, or char, at least up to 1560°F. Heavy-hydrocarbon yields obtained
in isothermal tests are significantly greater than those obtained in constant
heat-up rate tests, particularly at 1400°F., This may primarily occur
because, for isothermal operation, feed-coal solids heat up very rapidly to
reactor temperature in the first few feet of the reactor coil, Assuming that
most heavy-hydrocarbon formation occurs below 1000°F, increased heat-up
rates through this range of temperature would tend to favor evolution of
tars and oils, in competition with repolymerization in the solid phase. With
this explanation, it is pertinent that increased isothermal temperature levels
correspond to increased heat-up rates through the oil-tar formation range,
being of the order of several thousand degrees per second at an isothermal
temperature of 1400°F,

Figure 11 indicates that, in hydrogen, the unknown-gaseous-hydrocarbon
yield decreases above about 1200°F., Although this decrease is not
reasonably detectable in a corresponding decrease in the heavy-hydrocarbon
yvield, possibly because of data scatter, above 1200°F, light aliphatic species
can reasonably be expected to begin to convert to ethane and methane in the
presence of hydrogen. In helium, this conversion does not occur.

Semiquantitative indications of benzene yields (Figure 12) suggest that the
heavier components in the oil-tar fraction begin to convert to benzene at
about 1300°F, with substantial conversions being achieved by 1450°F, No
benzene was detected in gas analyses for any test conducted below 1270°F
with hydrogen, nor at any temperature for tests conducted in helium,
suggesting that benzene is not a significant fraction of the oils and tars that
initially evolve below 1000°F,

Relationship Between Equivalent Methane-Plus- Ethane Yield and

Hydrogen Gasified

Figure 13 shows that, at any hydrogen pressure, ''equivalent’’ methane-
plus-ethane yields are directly proportional to the amount of hydrogen
gasified. Equivalent methane-plus-ethane yields represent the difference
between actual methane and ethane yields and an adjustment term obtained
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“from Figure 11 at a corresponding temperature, The correction term is
the difference between values of the unknown-gaseous-hydrocarbon yield
indicated by the dashed line and the solid line. The basis for this correction
is the assumption that the unknown-gaseous-hydrocarbon group consists of
relatively low-molecular-weight aliphatic species (other than methane and
ethane), which hydrogenate to form ethane and methane at increased
temperatures in the presence of gaseous hydrogen. Because a relationship
is sought to characterize methane and ethane formation only as derived
directly from the coal or coal char, the estimated amount of methane and
ethane formed from gaseous interactions was subtracted from total
methane-plus-ethane yields,

The relationship shown in Figure 13 is a very important one. It indicates
that, at any hydrogen partial pressure, methane and ethane evolve directly
in proportion to the total amount of hydrogen evolved from the coal, although
the proportionality increases significantly with increasing pressure. It
should be recalled that results given in Figure 4 show that total hydrogen
evolution is not a function of hydrogen partial pressure and is essentially
identical in hydrogen and in helium. This combined evidence suggests then
that the formation of active sites that catalyze methane and ethane formation
in the presence of hydrogen is directly related to the process in which coal
hydrogen is released, this latter process being independent of gaseous
atmosphere and dependent only on time-temperature history. A model for
quantitatively correlating equivalent methane and ethane formation rates
from coal solids, based on the evidence discussed, is presented in the final
section of this paper. - )

CORRELATION OF "RAPID-RATE" METHANE AND ETHANE FORMATION

In consideration of the data obtained in this study with Montana lignite, the
following model is proposed to describe the kinetics of methane and ethane
formation during initial stages of gasification,

During heat-up of raw lignite (Structure A), interactions within the coal
initially occur below 1000°F and result primarily in the evolution of a) carbon
dioxide, probably resulting from gasification of all carboxyl functional
groups; b) some water and carbon monoxide; c)} some relatively low molec-
ular weight aliphatics; and d) oils and tars. These reactions are essentially
pyrolysis reactions that occur because of the breaking of certain of the
weaker side-chain bonds as well as bonds connecting relatively large poly-
atomic molecules in the carbon matrix. This latter process results in the
intermediate formation of large fragments, possibly free radicals, which
then either a) become stabilized because of hydrogen disproportionation or
interaction with gaseous molecular hydrogen and evolve as oils and tars, or
b) polymerize to form an intermediate type of solid (Structure B). The total
amounts of materials other than oils and tars that gasify below 1000°F are
essentially independent of gas atmosphere or heat-up rate, suggesting a
stoichiometric relationship between the individual species formed and the
functional groups present in the raw lignite. Total oil and tar formation is
similar in hydrogen and in helium, and increases with increasing heat-up
rate, which is apparently a result of the competition between stabilization
and polymerization of intermediate free-radical fragments,
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Between 1000° and 1300°F, most of the remaining oxygen in the coal is
evolved as carbon monoxide and water, with water formation being slightly
greater in hydrogen than in helium. The gasification of hydrogen from the
coal solids is. relatively small between 1000° and 1200°F, being due to the
formation of water and some methane and ethane in the presence of gaseous
hydrogen and both water and hydrogen in the presence of helium, Above
1200°F, evolution of coal hydrogen begins to increase rapidly with increasing
temperature, accompanied by a rapid increase in the formation of methane
and ethane in the presence of gaseous hydrogen.,

The removal of oxygen between 1000° and 1300°F can be considered to
correspond to the transition of the main carbon matrix from Structure B to
a second intermediate main structure (Structure C). Structure C is con-
sidered to be comprised primarily of carbon and hydrogen and, with increases
in temperature above about 1200°F, converts to a relatively stable ''char!
structure (Structure E) through the evolution of hydrogen. During this
transition, however, Structure C initially converts to an active intermediate
structure. Structure D, as hydrogen is evolved, and Structure D then can
either convert to the stable char structure, Structure E, or interact with
molecular hydrogen to form methane and ethane.

The following quantitiative representation of the steps leading to methane
and ethane formation assumes for simplicity that all oxygen is gasified prior
to the formation of methane and ethane as a result of interactions of gaseous
hydrogen with Structure B. Although the experimental data indicate some
overlap betwe en the final stages of oxygen gasification and the initial stages
of methane and ethane formation between 1200° and 1300°F, this assumption
does not appreciably alter the quantitative evaluation of the parameters
derived based on the model proposed.

The processes that lead to '"rapid-rate' methane and ethane formation are
assumed to occur according to the following overall reactions:

CH_0(s) S%CH * (s) +(x-y) H(g) 1
Ky (1- m)CHy"(s)
Hy(g) + CH,"(s)
R

(155) CHale) +[ﬂ%3§)] CHe(g) + ymH(g) 1)

where
CH,° = solid component resulting from interactions occurring
_x during primary pyrolysis (Structure C)
CHY* = intermediate solid active species (Structure D)
H = hydrogen evolved from solids in Reactions I and I
CHy" = product coal char (Structure E)
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H, = gaseous molecular hydrogen .

x = atomic ratio of hydrogen to carbon in CHx°

y = atomic ratio of hydrogen to carbon in CH_° and CH )

B = carbon ratio of ethane to methane formed in Reaction II

m = fraction of carbon in CH_* converted to methane and
ethane in Reaction II ’

kg, ky, kp, = first-order rate constants
s = solid
g = gas.
Let —

X = fraction of feed carbon as CH_? when conversion to

Structure C is complete, g-agf)m carbon/g-atom feed carbon
* : . 3

ne ’ = equivalent methane and ethane formed from coal at any time
during gasification, g-atom carbon/g-atom feed carbon

nc9 =  equivalent methane and ethane formed by pyrolysis
reactions prior to the onset of Reaction I, g-atom carbon/
g-atom feed carbon

f =  fraction of CH_° converted via Reaction I at any time
during gasificdtion

*
Ny = total coal hydrogen gasified at any time,g-atom hydrogen/

g-atom feed carbon

hydrogen gasified via pyrolysis reactions prior to the onset
of Reaction I, g-atom hydrogen/g-atom feed carbon

Based on the definitions given above, it is possible to determine certain
of the unknown stoichiometric parameters which characterize the model
assumed, prior to consideration of the kinetics of Reaction I. In these
evaluations, it it assumed that the ratio k,/k, is independent of temperature.

According to the above definitions —

f = (nC - nc°)/m 3)
and
*
£ = (ng = ng'M(x—y+ ymQ 4)
Combining Equations 3 and 4 and rearranging leads to —

ng =mng /(c=y+ ym) + {n®=nlm/(x—y+ ym)l] 5)

Letting S =m/(x—y + ym)and I = [nc" - n.Hom/(x —y + ym)]}, Equation 5
can be represented as —

¢
3¢

n = Sn,, 4 I 6)

R o P
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: * *
Thus, where m is constant, a plot of n versus , both experimental

parameters, should yield a straight liné with a slope equal to S and intercept
at =0 of I, Figure 13 shows such a plot for data obtained in constant
heaf-up rate tests in helium and in hydrogen. Values of S increase with
increasing pressure because of increasing values of m with increasing
pressure. The common point of intersection of the lines drawn corresponds
to values of n .% = 0,01 g-atom carbon/g-atom feed carbon, and n_.° =0.272
g-atom hydrogen/g-atom feed carbon, Table 4 tabulates the values of S
obtained from Figure 13 as a function of hydrogen partial pressure, PHZ.

Table 4. VARIATION IN S WITH P

H,
P.,
H, S, g-atom carbon/
atm g-atom hydrogen
0 0.084
18 0.352
35 0.514
52 0.649
Now, let —
Yc = total carbon in partially gasified lignite, g-atom carbon/
g-atom feed carbon
YH =  total hydrogen in partially gasified lignite, g-atom hydrogen/

g-atom feed carbon
Zz = YH/YC = hydrogen/carbon ratio in partially gasified lignite,
g-atom hydrogen/g-atom carbon,

From the stoichiometry defined in Reactions I and II, Z is given by the
expression — .

7 = x — f(x~— y+ ym)

- 1 —fm "
Solving for f in Equation 7 results in —
f={x-2Z)/(x~y + ym —mZ) 8)
Equating the expression for f in Equation 8 to the expression for f in
Equation 3 leads to —
P .
(ng —nc°)/km=[(x—Z)/m]/[(x—y+ym)/m-—Z] 9)
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Rearranging Equation 9 and substituting S for the expression defined results in —

(ne” =nch (1/5-2) =) (x-2) 10)

Thus, a plot of the term on the left-hand side of Equation 10 versus Z should
result in a straight line with a slope equal to —X and an intercept at Z = 0

of Ax. Figure 14 shows such a plot for constant heat-up rate tests conducted
in hydrogen. Data obtained with helium were not included in this plot because
of the scatter that results from small values of S, which magnify variations
in the term (n,.* — n,%). In accordance with the model assumed, data obtained
at hydrogen patrtial pressures of 18, 35, and 52 atmospheres are reasonably
correlated with a single straight line corresponding to a value of X = 0.83 g-
atom carbon/g-atom feed carbon, and a value of x = 0,578 g-atom hydrogen/
g-atom carbon. The value of XA was not determined by a least-squares fit of
the data, but was '"forced' so that the amount of carbon initially present in
the component CH_° is equal to the total amount of carbon initially present

in the raw lignite, less the total carbon evolved during pyrolysis due to
formation of carbon monoxide, carbon dioxide, and the heavy-hydrocarbon
species., Note that if the component CH_° consisted of polycondensed
aromatic units of hexagonally arranged carbon, with hydrogen present on
lattice edges, then the value of x = 0.578 corresponds to an average ring
number of 5.

The value of y is assumed to be 0.25 g-atom hydrogen/g-atom carbon, based
on measurements made of hydrogen contents of Montana lignite chars gasified
at elevated temperatures for extended times. With this assumption, values of
m can be computed for corresponding values of S obtained from Figure 13,
according to the expression —

m = S(x—y)/(1 —Sy) 11)

In addition, values of r =k,/k; = m/(lI —m) can also be computed, Values of
m and r are given in Table 5 as a function of hydrogen pressure for constant
heat-up rate tests,

Table 5. VARIATION OF m AND r WITH P

H,
PH,,
atm m r
0 0.028 0.029
18 0.127 0.145
35 0.194 0.240
52 0. 254 0.341
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The values of r given above increase with increasing hydrogen partial
pressure, Figure 15 shows, in fact, a linear relationship between r and

PH » which is represented by the expression —
z

r = 0.03+ 0.00605P 12)
H,

Thus, all the parameters necessary to quantitatively characterize the
model assumed have been determined, except for parameters indicative of
the kinetics of Reaction I. After complete conversion of the reaction
intermediate, CH *, however, the maximum methane-plus-ethane vield
is independent of the kinetics of Reaction I and can be expressed as a
function of the hydrogen partial pressure by the following expression:

Maximum methane-plus-ethane yield, 0.83(0.029 + 0'00587PH )
g-atom carbon/g-atom feed carbon =& 2.
1+ 0.00587PI_Iz

It is of interest that the empirical form of the above expression is essentially
the same as an expression proposed by Zahradnik et al. {12) to relate total
methane yield as a function of hydrogen partial pressure during the initial
hydrogenation of coals.

The following assumptions were made, consistent with results obtained
in both constant heat-up rate and isothermal tests, to describe the kinetics
of Reaction I:

1, CH_° reacts according to Reaction I by a first-order process, but
whdre there is a distribution of activation energies for the first-
order rate constant, k,.

2. The distribution function of activation energies is a constant; i, e, ,
f(E)dE = fraction of total carbon in which the activation energy E
in the rate constant,

ko = ko exp (~E/RT)

is between E and E + dE

where —
f(E) = 0 for E < E,
£(E) =  C (constant) for E, £ E s E,
f(E) = O0forE> E
194 = preexponential factor
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Note that because —

then —
C =1/(E, — Ey)

From these assumptions,the average conversion fraction of CH_? can be
expressed by-the following relationship for any time-temperatute history:

E, A , :
lof=et / {exp [ ° exp (-E/RT)dA1} dE 14)
Ey~ E
E, 0
where —
A = time
T = absolute temperature
R = gas constant,

For the specific case of constant heat-up rate, where ¢ = dT/d8, then
Equation 14 can be expressed as the following:

E] 0 T

1-f =fIT§ f {exp [~ Ko / exp (FE/RT)dTI}dE 15)

R > o« Jr
0 0

For isothermal conditions, Equation 14 has the form —

E .
1 1
1 -1 =El—-—Eo .é; {exp [—koo 6 exp (—E/RT)]} dE 16) )

The best fit of our experimental data was obtained with the following
values of E;, E;, and k% o

E, = 79,500 cal/g-mol .
E, = 118,100 cal/g-mol . :

- !
Ko = 7X 10%0 s f)

Experimental and calculated equivalent methane-plus-ethane yields are .
compared in Figure 16, where calculated yields were determined based on 3
the parameters given above, using the appropriate correlation form for
isothermal or constant-heat-up rate operation,
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In summary, the correlations descrived in this paper provide a basis for
predicting methane and ethane yields as a function of temperature, hydrogen
partial pressure, and time-temperature history during the gasification of
Montana lignite. Although these correlations were developed based on data
obtained in hydrogen, helium, and hydrogen-helium mixtures, the results
of a previous thermogravimetric study conducted at the Institute of Gas
Technology (7, 10) showed that ''rapid-rate' methane formation kinetics
with air-pretreated bituminous coal are a function of hydrogen partial
pressure even in gas mixtures containing other synthesis gas species, which
may also be the case for the Montana lignite used in this current study. The
generality of the parameters evaluated is, of course, not known because
experimental results obtained only with Montana lignite were used in the
development of the model. Although future studies are anticipated using
other coals to evaluate this aspect, there is some evidence currently
available from studies conducted at the U.S. Bureau of Mines, reported by
Feldmann et al, (4), in which results obtained for hydrogasification of raw
bituminous coals in a 3-inch-ID transport reactor show a strong similarity
to corresponding results obtained in this study with Montana lignite.

Figure 17, for example, compares methane and ethane yields obtained under
isothermal temperature operation as a function of temperature for the two
studies considered, at approximately corresponding average hydrogen
partial pressures.”

The results shown indicate that relatively minor adjustments in one or
two of the parameters defined in the model proposed in this paper would
be required to fit the data obtained with the bituminous coals and the North
Dakota lignite, :

Another data comparison is shown in Figure 18, which plots total methane
and ethane yields versus total coal hydrogen evolution for these same coals,
Although the model proposed predicts linearity in these relationships only
when referring to ""equivalent' methane-plus-ethane yields and only when
total oil/tar yields do not vary, the results shown are nevertheless sug-
gestive that equivalent methane-plus-ethane yields obtained with the bituminous
coals are essentially proportional to coal hydrogen evolution, as was
indicated in this study with Montana lignite.
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Rate of Reactlon of Oxygen and Steam with Char/Coke*
Satyendra P. Nandi, Robert Lo and Jack Fischer
Chemical Engineering Division, Argonne National Laboratory
Argonne, Illinois 60439

In most coal gasification processes, raw coal 1s initially subjected to heat
treatment. Even in the presence of reactive gases the initial rapid weight loss of
the coal can be ascribed primarily to devolatilization. The resultant char is then
converted to desired products in subsequent steps. It is believed that the gasifi-
cation of the char is the slow step in the overall conversion reactions. The over-
all char gasification process consists of a number of reactions, amongst them the
steam-carbon and oxygen-carbon reactions are the most important. The steam-carbon
reaction

C + H,0 > CO + W, 1)

is endothermic and its rate does not become significant below about 750°C. The heat
required by reaction 1) can be supplied by the highly exothermic carbon-oxygen
reaction

[ 02 + CO2 and CO 2)
The CO/CO; ratio is a function of temperature and carbon monoxide is favored at
higher temperatures. Depending on the nature of carbon, the rate of this reaction
may become significant at a temperature as low as 350°C. In the overall gasification
scheme, judicious combinations of reactions 1) and 2) are used. It is therefore
necessary to obtain a measure of the rates of these two reactions using various chars
made from coals which are practical for use in gasifiers.

Various workers (1) have studled the carbon-steam and carbon-oxygen reactions
using graphites. Because of the pronounced difference in inherent reactivity of the
two gases, it 1s rather difficult to obtain values of the reactivity of a char for
the two reactants at the same temperature. Similar data for graphite are scanty.
Jenkins et al. (2) determined the reactivity parameter, defined later in this report,
for a series of coal chars in air at 500°C. All the chars in Jenkins' work were
prepared by heating various types of coal in nitrogen at a heating rate of 10°C/min
to a maximum heat-treatment temperature of 1000°C. The results showed that the
reactivity of the char was a function of the rank of the parent coal; the low-rank
coals produced chars of much higher reactivity. It was also shown that the value
of the reactivity parameter was the same, whether the chars were produced in a
thermobalance (static bed) in milligram quantities or in a fluid bed in gram
quantities.

In our work the approach taken was to measure the rates of char-steam and char-
oxygen reactions over a range of temperature, determine the temperature coefficient
of rates (apparent activation energy) of the separate reactions, and estimate the
value of the relative rates at a common temperature. The magnitude of the apparent
activation energy when compared with the values reported for pure carbon may in-
dire:tly provide some insight into the mechanisms of both the reactions.

Basea on work performed under the auspices of the United States Energy Research
and Development Administration.
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‘EXPERIMENTAL

. The porous nature, particle size, and maximum heat-treatment temperature of the
char, the rank of the parent coal, and the inorganic matter present in the char are
the variables which may affect the rate of the char-oxygen or char-steam reaction.
The rate of heating used in preparation of the char is expected to affect the porous
nature and 1g not considered as a separate variable. In this work the particle size,
heating rate, and the maximum heat-treatment temperature are kept invariant.

Samples

Four samples of coal were selected for this work. Three coals are of low rank
(subbituminous or lower) and the fourth is of MVB rank., There are vast resources of
subbituminous coals in Western U.S., and their gasification behavior is of interest.
The MVB sample was included for comparative purposes.

The analyses of the samples are shown in Table 1.

Experimental Procedure

The coal samples were pyrolysed in a tube furnace‘in a flow of nitrogen with a
heating rate of 8°C/min to a maximum temperature of 900°C and held at that temperature
for two hours. The coal samples were sieved and the fraction (35 x 80) mesh Tyler
was used. The particle size of the char is expected to be somewhat smaller. On pyro-
lysis, sample 274 produced a coke mass, this was crushed, and a sieved fraction of
(35 x 80) mesh was used for the reactivity determination.

The reactions were carried out using a thermobalance. A char sample was spread
uniformly in a shallow platinum thermobalance pan. The amount of sample used,
10 mg, was such that the bed was about one particle diameter high. The samples
were initially brought to the reaction temperature in nitrogen and after steady weight .
was attained, the reactive gas was introduced. Dry air was used for oxygen reactivity
measurements. Pure nitrogen was passed through a series of bubblers containing dis-
tilled water to obtain a partial pressure of 2.3 volumn per cent of water vapor in
the stream. This mixture was used to determine the rate of the steam—char reaction.
The reaction was followed isothermally by means of a thermobalance and the rate was
calculated from the weight loss. The flow rate of the reactive gas was kept constant
and was such that the supply of the reactive gas was two orders of magnitude greater
than could be consumed when the rate of carbon loss was at the maximum. The temper-
ature range for the oxygen-char reaction was from 350 to 575°C and for the steam-char
reaction, from 750 to 900°C.

(a) Char-Oxygen Reaction

The percent weight loss based on the weight of original sample of char on a dry
ash-free basis as a function of time for 274 coke is shown in Fig. 1. The low rate
observed during the initial period is partially due to the time required for the air
to replace the nitrogen from the vicinity of the carbon. This period is longer at
lower temperature, which indicates that there is an induction period (the gas flow
rate being the same in all cases). The induction period in carbon-oxygen reaction had
been explained (3) by assuming that initially oxygen becomes chemisorbed on the
surface. This 1s followed by subsequent desorption of the bound oxygen as oxides of
carbon. With the removal of carbon from the surface, the char remaining increases
in porosity, i.e., its specific surface area increases. From similar arguments, the
middle linear portion of Fig. 1 can be regarded as a region where the opposing effects
of carbon removal and generation of extra surface area are in balance. When the
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carbon loss is high, the absolute value of the total reactive area is decreased, and
consequetnly, the rate falls off. In this work, the middle linear portions of the
experimental curves are used to calculate the characteristic rates.

The reactivity parameter was calculated by the following equation

R =L v
max wo dt

where Ry, = maximum reactivity at the experimental temperature expressed as mg of
char reacted per minute per mg of initial sample; w, = initial mass of the char on
dry ash-free basis and ﬂ% = maximum rectilinear weight loss rate (mg. min-1). The
approach taken to obtain Ry, is the same as that of Jenkins et al. (2)

The weight loss data for the air-char reaction for the other samples are shown
in Figs. 2 to 4. The calculated values of Rpgx are shown in an Arrhenius plot in
Fig. 5. The reactivity of the coke sample (sample 274) was much lower compared with
those for the char samples. It is also observed that the plots for char/coke from
274, 248 and 247 are straight lines in the temperature interval. The values of the
apparent activation energy are nearly the same (V21 kcal/mole) for these three samples. ‘

Values of the activation energy for the carbon-oxygen reaction (1) using pure
carbon (graphite) have been reported to be in the range of 37 to 58 kcal/mole. The
value, 36.7 kcal/mole, was obtained by Gulbersen and Andrew, (4) who reacted thin
spectroscopic graphite plates between 425 and 575°C under 0.1 atmosphere of oxygen.
The much smaller values of the apparent activation energy obtained in this work indi-
cate that (i) catalysis by inorganic matter in the char occurred and/or (ii) the re- |
action occurred inside small pores whose length are much greater than their diameter. p
In the latter case Wheeler (5) had shown that the apparent activation energy will be
equal in magnitude to half the value of the true activation energy of reaction. The
nature of the minerals present in the chars was not determined. However, the pos-
sibility appears unlikely that the minerals were similar in nature or that they catalyzed
the reaction in such a way as to. produce the same apparent activation energy for the
three materials. This strongly suggests that the reaction is being controlled by
pore diffusion. The Arrhenfus plot for the LLL char is not linear. Initial reac-
tivity of this sample 1s very high and the curvature in the plot indicates that the
reaction at high temperature, for this sample, is being partially controlled by bulk
diffusion.

(b) Steam~char reaction

The experimental data for this reaction are presented in Figs. 6 to 9. The
initial period of low reaction rate is of much lesser duration than in the oxygen-
char reaction. It has been reported (1) that the steam-carbon reaction also pro-
ceeds through a chemisorbed oxygen intermediate, which may be of a different nature
than that in the carbon-oxygen reaction. The much higher temperature used for the
carbon-steam reaction may contribute to a rapid build-up of a steady-state concen-—
tration of chemisorbed species on the surface, resulting in a shorter induction
period. A linear rate of weight loss over an extended reaction range is then obtained
in all cases. This linearity results from the same opposing factors identified
earlier for the char~oxygen reaction.

The shape of the curves shown in Figs. 7 to 9 are similar and show a quali-
tative resemblence to the curves obtained in char-air reaction. The data for the
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coke shown in Fig, 6 are quite different. Two distinct linear regions are observed.
A possible way of explaining the data is to assume a small fraction of disorganized
carbon is mixed in with the relatively well-ordered carbon of the coke. After the
fast reaction of the disorganized carbon has been completed, the rate falls to a
value that is characteristic of the well-organized carbon.

The Rpay values for the steam—carbon reaction have been calculated from the data
in Figs. 6 to 9 in a way similar to that used for the air-carbon reaction calculations.
These data are shown graphically in Fig. 10. The values of the apparent activation’
energy for the 274 coke are based on limited data; the slope obtained at the low rate
is about half of that at the high rate. The value of the apparent activation energy
calculated from the low rate is 82 kcal/mole, which 1s in the neighborhood of the
value (80 kcal/mole) reported for the graphite-steam system. (1)

The carbon contents of coals 247 and LLL are not very different. The apparent
activation energy values obtained for the chars of these two coals are nearly the
same (23 and 27 kcal/mole). The value for sample 248 was somewhat higher, 42 kcal/
mole. This sample belongs to SubbC rank of coal. The ash content of this sample
was lower than that of 247 and LLL samples.

This low value of the apparent actlvation energy indicates that the reaction
studied in this work probably proceeded by a different mechanism than that for
graphite-steam reaction. Wheeler's explanation for the difference in the magnitude
of the activation energy for the same reaction taking place inside long narrow
capillary, :and on a plain surface has been mentioned earlier. It appears that for
the three char samples, the major part of the reaction could be occurring inside

narrow pores. In addition, the reaction may be influenced by catalytic impurities
in some cases.

(c) Relative reactivity in oxygen and steam

Walker et al., (1) in their review of the gas—carbon reaction reported that the
rate of carbon-oxygen reaction was 3 x 10* times as rapid as that of the carbon-steam
reaction under equivalent conditions (temperature = 800°C, pressure of gas = 0.1 atm).
The experimental results used in the above estimation were obtained primarily with
graphite. From the experimental data obtained in this work for 247 char, the rela-
tive rates of oxygen to steam reaction were calculated using the computational
method of Walker et al. For this sample the ratio of the rates of oxygen to steam
reactions was found to be only V24 + (T = 800°C and P = 0.1 atm). The reactivity
ratio for the LLL char would be even lower because the slope of the Arrhenius plot
(char-air) for this sample decreased at higher temperature. It is concluded that the
reactivity ratio of oxygen to steam reactions with coal chars will be much lower than
that expected for pure forms of carbon.
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Table 1

Analyses of Coal

Percent_as received

Percent dry ash basis

" Sample ASTM Moiast. Ash. Wt. loss to 900°C c H N S 0
No. Rank (by diff)

274 MVB 1.42 1.75 27.2 86.30 4.32 - 1.2 -
248 SbbC  16.67 2,48 51.4 75.16 5.15 1,73 0.66 17.26
247 L 14.10 6.52 50.2 74.43 4,91 1.49 0.53 18.62
LLL L 29.60 6.50 59.1 74.34 5.52 1.18 0.45 18.51
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REACTIVITIES OF HEAT-TREATED COALS IN HYDROGEN

A, Tomita, 0. P. Mahajan, and P. L. Walker, Jr.

The Pennsylvania State University
Department of Material Sciences
University Park, Pennsylvania 16802

INTRODUCTION

In previous papers, we reported reactivities of various American coal chars
in air (1) and in carbon dioxide (2). It was found that reactivities of chars
are predominantly determined by the rank of the parent coal and mineral matter
composition. The main aim of this paper is to compare the reactivities in hydrogen
with those obtained earlier.

The reaction of coal chars with hydrogen is an important part of the over-all
process for the production of substitute natural gas; consequently it has received
considerable attention (3-8). The reaction of low temperature chars with hydrogen
proceeds in two stages: a very rapld first stage reaction and a slow second stage
reaction, involving the gasification of a remaining char which has a graphitic-
like (trigonally-bonded) structure. Most workers have studied the reactivity of
the chars which have been pretreated at some fixed maximum temperature. Because
the maximum temperature was usually reasonably low, the chars had, however, a
certain amount of volatile matter remaining. In order to study the slow, second
stage hydrogasification reaction, it would be better to work with a char prepared
at a higher temperature. Throughout this study chars prepared at 1000°C are used.
The variables chosen for investigation were the rank of parent coals, mineral
matter content, particle size, reaction temperature and pressure.

EXPERIMENTAL

Char Preparation Eighteen U.S. coals, of widely varying rank, were carbonized
in nitrogen at 1000°C for 2 hr. This procedure was sufficient to devolatilize
these coals. The preparative method of 'acid-washed' char, demineralized char, and
chars with different particle sizes were essentially the same as described earlier

2).

Procedure A high-pressure, electronic balance was used to record continuously
small weight changes during hydrogasification. The balance assembly, a DuPont 951
TGA, was mounted in an autoclave. Generally, char powders of 40x100 U.S. mesh were
charged to a sample holder in 10 mg quantities. The autoclave was evacuated and
then pressurized with nitrogen to 400 psi. Helium was introduced into the quartz
tube reactor, which was attached to the balance housing and also was surrounded by
a tube furnace. The furnace was activated to raise the reactor temperature to
980°C. The pressure was kept constant by bleeding off excess gas. Helium was kept
flowing at reaction temperature for 15 min to ensure thermal stability; and then a
stream of hydrogen was admitted to the reactor at a flow rate of 1200 cc/min (STP).
The weight of the sample was then continuously recorded.

Reactivity Measurement The conversion vs time curve usually had a slow induc-
tion period, followed by a rate increase as was reported for the reaction with air
(1), carbon dioxide (2), hydrogen (7), and steam (7). Jenkins et al (1), found
that the rectilinear portion, after an induction period, extended over a range in
which about 40% of the char was gasified. They calculated the reactivity parameter
by the following equation:
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-
R =W at
o
where W_ 1s the initial weight of char on a dry ash free basis (mg) and dw/dt is the
maximum rectilinear weight loss rate (mg hr™—). In the present study, the recti-
linear region was considerably shorter than reported previously (1,2). On the other

hand, the rate calculated on the basis of unreacted char remained constant for a
longer period. This reactivity parameter R 18 expressed as

R =

i
mlE

where W is the weight of char at time t. Two parameters Ry and R, were determined
by this equation. Ri represents the initial rate at t = 0, and Rc represents the
constant rate in the region where kinetics follows a first order rate expression
with respect to unreacted char.

RESULTS AND DISCUSSION

Reactivity versus rank of parent coal Table 1 summarizes the analyses of coals
and chars together with the reactivity parameters. It can be seen that there is
some relation between R, values and the rank of the parent coal. The lower rank
coal chars have larger values. However, R_ values have no definite correlation
with rank. For example, the reactivity of the Pennsylvania anthracite char (PSOC 81)
18 larger than most chars of lower rank. This fact is in marked contrast with those
reported for the reactivity of the same series of chars with air and carbon dioxide.
In these cases, a plot of reactivity R vs carbon content shows a fairly well defined
band. Even 1if the parameter R_ 1is used for the hydrogasification reactivity, no
correlation with rank of pareng coal is found. Feldkirchner et al (4) found a simi-
larity in hydrogasification rates of the residual portion of three coal chars with
greatly different initial properties.

Mineral matter removal Jenkins et al (1) found that the reactivity of lignite
and anthracite chars in air decreased upon demineralization, whereas reactivity of
a LV bituminous char increased. The same effect of demineralization was observed
in this study for PSOC 138, 101, 127 and 81. However, the removal of mineral matter
from lignite char PSOC 87 resulted in a remarkable increase of R_ value, although

c
the Ri value decreased considerably.

Bed weight and particle size In order to determine the possible effect of
diffusional resistance, reactivity measurements were made for PSOC 91, 87, 87 Dem,
127 and 127 Dem at different bed weights and particle sizes. For starting weights
below 10 mg, reactivity is constant for most chars. There 1s some effect of particle
size, but the rate increase due to the reduction of size is rather small compared
with that reported for the reactivity study in CO, (2). Reduction in particle size
of PSOC 127 char from 40x100 to 200x325 mesh results in a reactivity increase of
only 1.6-fold in hydrogen, whereas a similar particle size reduction of the same
char resulted in a reactivity increase of 35-fold towards carbon dioxide (2). This
fact can be attributed to the smaller kinetic diameter of hydrogen (2.9A) compared
to carbon dioxide (3.3A).

Pressure The dependence of rate on hydrogen pressure in the range between 100
and 400 psi was determined for PSOC 91 char. The rate was proportional to hydrogen
pressure as reported in the literature (4-7).

Temperature Zielke et al (3) reported that the pseudo-activation energy changed
from 17 to 49 kcal/mole as a function of conversion. Gardner et al (8) also found
an increase of activation enthalpy with conversion of char to methanme. Although the
chars used in this study had a different thermal treatment than those used by
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Gardner et al (8), we also observed a similar trend. rhe pseudo-activation energy
for PSOC 91, 87 Dem, and 127 Dem chars were 31, 29, and 14 kcal/mole at the initial
slow stage, while at a steady state rate they were 48, 44, and 44 kcal/mole, respec~
tively. This fact suggests that the reaction during the induction period is
diffusion-controlled, and further that the later stage 1s a chemically-controlled
step. During the induction period, the char undergoes activation, and thus the

diffusion rate of hydrogen or methane into the interior of the char particles becomes
more rapid.

PSOC 217 char has an unusually low reactivity among all chars. The pseudo-
activation energy was determined for this char up to a conversion of 20%, and it was
found to be nearly constant at 16 kcal/mole. This low activation energy (and, thus
extensive diffusion control of the gasification rate) is expected because of the
small percentage of feeder pores in the parent LV bituminous coal (9).
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CHAR REACTIVITY IN HYDROGEN

Reactivity, mg hr—:l ng

-1

Psoc Parent Coal Char

Sample No. ASTM Rank State C(daf), % Ash, %

89 Lignite N.D. 63.3 22

91 Lignite Mont. 70.7 11

87 Lignite N.D. 71.2 13

140 Lignite Tex. 71.7 12

138 Lignite Tex. 74.3 16

98 Shb. A Wyo. 74.3 12

101 Sbb. C Wyo. 74.8 8

26 HVB 111. 77.3 20

22 HVC I11. 78.8 23

24 HVB I11. 80.1 14

67 HVB Utah 80.4 5

171 HVA W.Va. 82.3 11

4 HVA Ky. 83.8 2

137 MV Ala. 87.0 19

114 LV Pa. 88.2 12

o127 LV Pa. 89.6 7

81 Anthracite Pa. 91.9 6

177 Anthracite Pa. 93.5 5

a No or very short induction period.
b Constant rate region is less than 50% of complete burn-off.
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REACTIVITY OF COAL AND CHAR IN CO2 ATMOSPHERE

S. Dutta, C. Y. Wen and R. J. Belt*
Department of Chemical Engineering, West Virginia University, Morgantown, WV 26506
*ERDA, Morgantown Energy Research Center, Collins Ferry Road, Morgantown, WV 26506

Abstract - Reactivities of a few raw coals and chars of these coals obtained from
gasifiers operating under different conditions have been measured in CO2 at the
temperatures 1550°2000°F. The reactivities have been measured in a thermogravimetric
analyzer up to complete conversions of the samples in most cases. Properties like
surface area, pore size distribution, porosity and density have been determined for
each sample. Actual pore structures of a few samples have been observed at different
conversion levels by a scanning electron microscope. In order to compare the
reactivities of different samples, the char-gasification process has been divided into
two distinct stages: the first stage due to pyrolysis and the second stage due to
char-CO) reaction. Reactivities due to the first stage can be roughly related to
volatile matter contents of the solids and the rate of heating. Through an Arrhenius
type equation, an activation energy of about 2.5 Kcal/mole is obtained for the first
stage. The reactivity of a char in the second stage is found to depend more on its
coal seam than on the gasification scheme used in its production. Activation energy
for the second stage reaction has been found to be about 59 Kcal/mole. A rate equa-
tion has been proposed for the second stage that incorporates the effect of relative
available pore surface area changing during reaction. The rate conversion curves
calculated from this equation fit well with the experimental data.

Introduction

A proper understanding of the coal/char gasification kinetics is essential for
successful design of a gasifier. Effects of temperature, pressure and gaseous environ-
ments on the rate of gasification of coal/char have been extensively studied by various
investigators. In addition, the rate depends also on the nature and origin of the coal
or char itself. The pore characteristics and hence the reactivity of a char have been
found to vary not only with the maceral of its parent coal but also with the history of
its genesis, i.e., the temperature, pressure, rate of heating and gaseous environments,
etc., prevailed during its formation. The present study is devoted to determination of
reactivities of a few coal and char samples which are produced in some pilot plant
experiments conducted under different gasification schemes. This investigation will
help find the relationship, if any, between the reactivities and the physical charac-
teristics of the samples.

In the present investigation reactivities are measured in a flowing stream of
pure CO; at the atmospheric pressure, The rate of C-CO; reaction has been studied
by various investigators(1’5’7’9'10’12:13). However, considerable discrepancy has
been reported between the values of activation energy of this reaction, ranging
from 48 to 86 Kcal/mole .

Pyrolysis of coal or char takes place prior to or concurrent with other reactions
in a gasifier. The behavior of pyrolysis is not yet properly established. It is,
however, known that the rate of pyrolysis and the amount and composition of volatile
products from a given sample of coal or char depends on several factors(3) such as
(a) rate of heating, (b) final decomposition temperature attained, (c) vapor residence
time and (d) the environment under which the pyrolysis takes place. In the present
investigation pyrolysis of coal and char in a COz atmosphere can be studied separately
from CO, reaction. This is due to the-fact that g§rolysis normally starts at about
350-400°C and is almost complete at about 1000°C(2) within seconds, whereas the C-CO2
reaction is hardly detectable below 800-900°C. Therefore, at a moderate rate of
heating, the two stages, the pyrolysis and the char-CO, reaction, will be separable
from each other, the latter starting only after the former stage is essentially
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complete. The char-C0; reaction after the pyrolysis reaction is completed takes
place on char surface and is essentially carbon-C02 reaction.

Gulbransen and Andrew(4) showed that the internal surface area of graphite
increases markedly during reaction with both oxygen and CO,. Walker, Foresti and
Wright 10) made the detailed study on the possible correlation existing between reac-
tion rates and changes in surface area during reaction. They concluded that the
reaction develops new surface by enlarging to some extent the micropores of the solid
but principally by opening up pore volume not previously available to reactant gas
because the microcapillaries were too small or because existing pores were unconnected.
During the reaction surface area increases up to a point when the rate of formation
of new area is paralleled by the rate of destruction of old area. Surface area
decrea?gg on further conversion. For graphite-CO2 reaction, Petersen, Walker and
Wright found that the observed rates were not simple functions of the total availa-
ble surface area, as determined by the low temperature gas adsorption technique, as 4
might be expected if the reaction was chemical reaction controlled.

Turkdogan, et.al.(s) made a detailed investigation on the pore characteristics
of several forms of carbon. Their studies indicate that depending on the type of p
carbon, about 1/4 to 1/2 of the volume is isolated by micropores and hence is not
available for reaction at the beginning. The surface areas of carbon investigated
by them covered a large range from 0.1 to 1100 m2/g. In all cases, most of the
internal area was attributed to the micropores, 10-50 A dia.

Experimental J

A Fisher TGA apparatus (model 120P) was used in the present investigation. Two
coal samples (one from Pittsburgh seam and the other from Illinois seam) and four
char samples derived from these coals under different gasification schemes were investi- )
gated. ]

To start a run 15-30 mg. of coal or char particles of -35+60 mesh were placed in
the platinum holder hanging from one arm of the balance of the TGA. After fixing the
hangdown tube in position, the system was first evacu ated to about 20 mm Hg and then
flushed with C0; at a flow rate of about 200 ml./min. for about two and a half hours.
The outlet gas was analyzed by gas chromatograph to assure that it is air-free. The
oven was preheated to the desired temperature. The CO7 gas stream was turned to the
desired flow rate (150 ml./min.)} and the furnace was quickly raised to a prefixed
level, to enclose the hang-down tube. The weight and the time derivative of weight
loss of the sample and the sample temperature were recorded continuously throughout the
experiment.

The porosity, density, pore volume and pore size distribution of the devolatilized
chars and coals have been determined by mercury porosimetry using pressures up to
50,000 psi. The pore surface areas and pore size distribution of the samples have been
determined by BET nitrogen adsorption method using NUMEC surface-area-apparatus, model
AfAd. Moreover, the actual macropore matrix of a few of these samples have been "
visually observed, at several stages of their conversions, by a scanning electron
microscope up to a magnification of 6,000.

Experimental Results and Discussions

Figure 1 is the reproduction of two typical chart recordings of the weight loss
and the rate of weight loss curves by the TGA apparatus. In this figure the initial
peaks in the rate curves are due to the very fast pyrolysis stage. After this stage,
the second stage reaction begins which is comparatively slow and is mostly C-CO2
reaction. The analyses of the chars just after the pyrolysis stage show carbon con-
tents of 95-98% on an ash-free basis for all the six samples. .
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Figure 1 also shows an intermediate region, between the two vertical lines a and b,
where not only the pyrolysis but also the second stage char-CO2 reaction is affected
by the heating rate of the sample. The sample temperature versus time for these two
cases are shown in Figure 2. In these experiments the sample temperature is assumed
to be identical with that recorded by an open thermocouple placed about 3 mm. from the
surface of the reacting solid sample. The rate of gasification at the first and
intermediate stages will obviously depend on the sample heating rate. Once the sample
attains equilibrium temperature (approximately within 4 min. in the present case), the
rest of the process proceeds essentially under isothermal condition.

A. The First Stage - Pyrolysis

The rate of gasification and the fraction conversion due to pyrolysis are shown
for four samples in Figure 2. The total conversions obtained at this stage have
been found to be nearly equal to the volatile matter contents of the chars and coals
as determined by the proximate analyses. The conversion (f) in the first stage
(pyrolysis) is defined here as that conversion which is attained at the almost-constant
weight period (the region between the vertical lines a and b in Figure 2, immediately
after the rapid weight loss at the start of the process. Such a constant-weight-period
has been observed in almost all cases. Figure 2 also shows that the pyrolysis is
almost complete before a temperature of about 1500°F is reached, while the char-CO3
reaction is insignificant up to this temperature, as will be seen later.

The total conversion (f) from the pyrolysis stage increases with the increase in
temperature. However, this increase (~1%) is not appreciable, at a particular heating
rate, in the studied temperature range 1550°1975°F.

Figure 3 shows the effect of sample heating rate on the rate of pyrolysis of
hydrane char #150. It is noted that the peak heights of these rate curves are
roughly proportional to the.average slopes of the heating rate curves.

A Pyrolysis Model: Pyrolysis cannot be considered as a single-step process
involving a simple reaction. It occurs in stages or as 'waves' of reactions involving
many complex steps, which in turn vary from sample to sample and with the conditions
of pyrolysis. No simple model would, therefore, represent this process completely.
However, on an overall basis Wen et.al.(11) proposed an Arrhenius type equation as
follows:

dx _ , _-B/RT
ST-Ae (£-x) 1y

Following this equation, a plot of (dx/dt)/(f-x) versus 1/T has been made with the
values of dx/dt, f, x and T obtained from Figure 2. f is assumed constant in the
studied temperature range. The plot is shown in Figure 4 for three char samples.
The figure shows that no single straight line can be drawn through the points with
certainty. This is partly due to the fact that the process is so fast that values
of x, dx/dt at any instant cannot be read precisely from such rate and conversion
curves shown in Figure 2.

Equation 1 has, therefore, been tested indirectly by assigning arbitrary values
of A and B (in the ranges predicted by the points in Figure 4) and seeing whether the
resulting values of x and dx/dt can match with the experimental ones. Since tempera-
ture is changing with time in this region, the values of x have been determined as a
function of time from the following equation:

-A } e_B/RTdt
x=f [l-e ° . ] 2)

The evaluation of the integral in the above equation has been done numerically from
known values of temperature (T) as a function of time (t). The rate, dx/dt, is next
calculated from Equation 1. With A=2,500 cal/mole and B=20.0 min-1, the predicted
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conversion and rate curves for three chars have been found to match the experimental

curves quite closely,-as is shown in Figure 5a.- The predicted curves and the experi-
mental values for different heating rates are shown in Figure Sb. Calculations have

been done only up to 1.5 min. in order to avoid the possible influence of the second

stage process in the subsequent period.

The straight line drawn through the experimental points in Figure 4 are based on
the above values of A and B.

Thus if the Arrhenius-type Equation 1 is assumed to approximate the pyrolysis
stage, the value of activation energy becomes 2.5 Kcal/mole.

B. The Second Stage - Char-CO; Reaction

As has been mentioned earlier, the rate of pyrolysis or the first stage of char/
coal gasification is very rapid and can be assumed nearly complete, when an almost-
constant-weight period is attained in the weight-loss versus time curve. The remain-
ing fraction of the solid reacts slowly with CO2 which is termed the second stage of
gasification. Although a small part of volatile matters may still remains with this
fraction, this fraction consists essentially of carbon (95-98%), and ash. The rate,
dx/dt, and conversion, x, are based on the reactive portion of char, which is the
weight of solid remaining after the first stage less the weight of ash, and is termed
as the base carbon.

Before studying the effect of temperature the effects of sample size, sample

holder, particle size and gas (CO2) flow rate on char gasification rate were' examined.

Three kinds of sample holders of different sizes and shapes were tested using
different amounts of samples placed on them. They were (a) a shallow petri-dish type
holder of diameter 8.5 mm. and depth 2 mm., holding 3.75 mg. of sample, (b) a cup-
shaped holder of mouth diameter 8.5 mm. and depth 7 mm., holding 18.5 mg. of sample
and (c) a perforated cylindrical holder of diameter 6 mm. and depth 15 mm., holding
35.02 mg. of sample. No significant difference was found between the observed rates
in the three cases at a gasification temperature of 1877°F and a gas flow rate of
150 ml/min. The cup-shaped sample holder was used in the rest of the experiments.
Gas flow rates were varied in the range 42-210 ml/min., through the reactor tube of
diameter 19 mm. No change in rate was observed at flow rates above 70 ml/min., at
the gasification temperature of 1877°F. A flow-rate of 150 ml/min. was chosen for
subsequent experiments. Particle size selected was -35+60 mesh, which showed negli-
gible intraparticle diffusion resistance up to a temperature of about 1800°F.

Figures 6-11 show the rate versus conversion curves as a function of temperature
for the six different samples studied. These figures also show the base carbon con-
tent of the chars at the fraction conversions indicated.

The experiments were conducted up to the complete conversions of the samples,
except at lower temperatures where rates were extremely slow.

The Figures 6-11 clearly show that every sample has its own characteristic
rate-conversion curve. For Hydrane Char #49, the curves can be considered linear
(and passing through the origin) without significant error. However, for the
other samplesthis is not true. Again for Hydrane Char #150, the rates are almost
steady up to certain conversion levels, after which they .decline. For Pittsburgh
coalt rate-conversion curves show maxima at lower temperatures.

It is also noted that for the Pittsburgh coal and for the Hydrane Char #150,
the nature of the curves changes also with temperature. This change is shown more
clearly in Figure 12, where the rates are normalized with respect to the rates
observed at 20% conversion level and plotted against conversion. The rate-conversion
curve shows a maximum at lower temperatures only.
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The variety of rate-conversion curves is due to the fact that different coal/char
samples vary greatly from one another with respect to their pore structures and the
change of such pore structures with conversion and temperature. To account for such
phenomena, a term "a" is introduced into the rate equation, which represents the
relative available pore surface area and is defined as follows:

Available pore surface area per unit volume at any
stage of conversion
Initial available pore surface area per unit volume

The value of "a'" varies with conversion and temperature. Ignoring the effect of
temperature, the change of '"a'" with conversion, x, can be fitted into a function,
up to x approaching unity, as follows:

a=12100 x"? eBx 0svsl ’ 3

In this Equation v and B are the physical parameters characteristic of a given coal
or char. The value of v indicates the conversion x at which the relative available
surface area reaches the maximum or minimum value. According to this equation the
relative available pore surface area of the particles may increase, decrease or may -
show a maximum or minimum as the reaction proceeds, according to the sign (+ or -)
used in Equation 3. Since a drastic change in surface area and pore size would take
place at the very end approaching complete conversion, the above Equation should not
be applied beyond x > 0.9.

Therefore, the rate of disappearance of char due to COp reaction, for chemical
reaction control, may be expressed as

dx
i kV CA(l—x). )

Arrhenius-type temperature dependence is assumed for the rate constant, kv,
according to the following equation:
k =k e E/RT

v v
o]

5)

In Figure 13, (dx/dt)/Ca(1-x) at x = 0.2 are plotted against 1/T. The values of aky,
and the activation energy E are determined from this plot. This Figure shows that
the rates (at 20% conversion level) of Illinois seam Coal #6 and the three chars
obtained from Illinois seam coal are significantly higher than those of Pittsburgh
seam coal and the Hydrane Char #150 obtained from the Pittsburgh seam.

Among the four Illinois coal and chars, Synthane Char #122 appears to be the

most reactive, although the difference in reactivity is not large.

The activation energy, E, is found to be 59.26 Kcal/more for all coals and chars.

Equation 4 is applicable only when the chemical reaction rate controls the pro-
cess. At higher temperature, however, diffusion resistance within the solid particles
may become appreciable and therefore, an effectiveness factor must be introduced for
such cases. Effectiveness factor, n, is defined here as follows:

dCA

2
c 5| ) dmrg
dr |, 6)

n= 3
(4/3nr° Xakv-CAS-(l—x)}

@,
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If the change in effective diffusivity, D, during reaction is assumed negligible,
Equation 6 can be solved by appropriate boundary conditions as follows:

1

= —'(tanh M Fﬂ 7
where M = [(l—x)a]l/2
B k. C
and ¢vo T VDSo
e

For chemical reaction control, ¢,, = 0. Thus, the rate of gasification with the
influence of intraparticle diffusion is expressed as

dx _
Fraall akV CA(l-x) » 8)

Using the rate expression shown by Equation 8, the conversions are calculated
for all the chars and coals tested. The calculated rates are compared with those
observed from experimentation in Figures 6-11. The values of ky_, v, B and ¢, used
in these calculations are given in Table I. The calculated rates agree closeYy with
experimental rates except that for Pittsburgh coal at higher temperatures. This may
partly be due to the following reason. In contrast to the other coals and chars,
the Pittsburgh coal is a highly caking coal having a swelling index of 8.5. These
particles (-35+60 mesh) swell up to a considerable volume and agglomerate into a
single lump during the pyrolysis stage. The whole sample (~20 mg) is thus glued
together and reacts as a single particle of a considerably larger diameter. The
change of porosity and hence the effective diffusivity in such a particle, as a
function of conversion, may be appreciable deviating from assumptions made in the
development of Equation 8.

As is indicated by Table I, the available surface area change with conversion
is independent of temperature, in the studied range, for the Illinois seam coal and
chars. However, for the Pittsburgh seam coal and char this change is a function of
temperature. For the Pittsburgh seam coal and char the increase of available
surface area appears to be less at higher temperature, for a partlcular conversion
level.

Figure 14 shows how the relative available pore surface area "a' of the particles
changes with conversion for different samples, in the temperature range 1600~1800°F.

Pore Characteristics of the Coal and Char Samples

The pore structures of Synthane Char #122, Hydrane Char #49, Hydrane Char #150
and Pittsburgh HVab coal have been observed through a scanning electron microscope,
at several stages of their conversions in the range x = 0 - 1. The photographs
taken at several magnifications (up to a maximum of 6,000) show that, as the
reaction proceeds, the pores initially of a few microns (2-10 u) in diameter, grow
in size and bigger cavities are formed by the collapse of the solid linkage between
the adjoining pore. The dimension of the solid particles have been observed to
remain practically unchanged (except for the high swelling Pittsburgh seam coal)
up to a conversion of about 80%. The highly porous matrix of the solid disintegrates
into smaller fractions as the reaction proceeds further.

Table IT shows the net pore volumes, volume-average pore diameters, densities
and the porosities of the devolatilized samples as determined by the mercury penetra-
tion method on a Micromeritics® Model 905 0 - 50,000 psia Porosimeter. The average

i BTN e oo D B e T e e e M— N i .

o



——

.

- LN =

e g -

109

TABLE I PHYSICAL AND RATE PARAMETERS USED IN CALCULATION FOR THE COAL AND CHAR SAMPLES

-15 3 .
Sample kyox10 77, cm”/mole-min. Temperature v 8 bvo
IGT Char #HT155 0.113 1657-1922°F 0.75 5.5 0
(from Illinois
Coal #6)
Hydrane Char #49 0.123 : 1578-1938°F 0.75 10.0 0
(from Illinois
Coal #6)
Synthane Char #122 0.136 1565-1972°F 0.75 6.0 0
(from Illinois
Coal #6)
I1linois Coal #6 0.120 1569-1938°F 0.75 6.0 0
Hydrane Char #150 0.0670 1623°F 1.0 4.4 0
(from Pittsburgh 1688°F 1.0 4.4 0
Hvab Coal) 1794°F 1.0 4.7 0
1875°F 1.0 5.0 2.5
1965°F 1.0 5.5 4.2
Pittsburgh HvVab 0.0536 1682°F 0.6 5.0 0
Coal 1742°F 0.6 5.0 0
1778°F 0.6 5.5 0
1888°F 0.6 10.0 3.0
1952°F 0.6 10.0 4.2
TABLE II. PORE CHARACTERISTICS OF COALS AND CHARS
Properties Measured By Mercury Properties Measured
Porosimetry by BET Method
Volume Surface
Net Average Average
Pore Pore Surface Micropore
Devolatilized Volume Diameter Density Area Diametgr,
Samples (cc/g) (u) (g/cc.) Porosity (mz/g) abs, (A)
IGT Char #155 0.59200 9.2 1.54 0.767 423.87 11.61
Hydrane Char #49 1.0344 2.3 1.43 0.765 171.69 22.34
Synthane Char #122 2.1978 8.8 1.31 0.864 280.94 18.34
I1linois Coal #6 2.6522 9.2 1.71 0.809 26.05 --
Hydrane Char #150 0.6463 2.4 1.53 0.655 18.04 106.00
Pittsburgh Hvab Coal -- -- 2.11 -- 29.97 --
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pore diameters determined by this method agrees well with those observed by the
scanning electron microscope.

‘Table II also shows the pore surface areas and the surface-average micro-pore
diameters of devolatilized coal and char samples as determined by the BET nitrogen
adsorption method. The surface-average micropore diameters (d__) have been calcu-
lated from the measured micropore size distribution, according"to the equation.

Id__AA
I <P P
pPs A

P
where AAp is the surface area occupied by the micropores of diameter d__ and A
is the total surface area of the solid. ps P

These measurements show that although the bulk of void volumes of these coals and
chars are occupied by comparatively large pores, several microns in diameter, almost
all the surface areas determined by BET method are occupied by micropores, below
1007200 A in diameter.

Reactivity of coal/char can be characterized by its intrinsic rate constant for
the second stage reaction, k, . The values of k,_ (listed in Table I) apparently
show no direct relationship with the measured poré surface areas. The pore surface
areas and pore size distribution curves, however, show that higher surface areas are
caused by the larger number of smaller pores. Calculations show that for the coal
and char samples studied, only the fraction of surface area which is occupied by
pores having diameter more than about 27.5 R is available for reaction with COp.

The table below shows the surface areas covered by pores bigger than 27.5 A, the
total surface areas and the values of kvo for four chars.

Surface Area (mz/g) Total k‘,oxlo-15
Covered by Pgres Bigger Surface 3
Sample Than 27.5 A in dia. area (mz/g) cm”/mole.min.
Hydrane Char #150 18.75 18.75 0.0670
IGT Char #HT155 25.43 423.87 0.113
Hydrane Char #49 34.42 171.69 0.123
Synthane Char #122 38.06 280.87 - 0.136

The reactivities are_found to be almost proportional to the surface areas occupied
by pores above 27.5 R in diameter.

Conclusions

- Gasification of coal/char in CO, atmosphere can be divided into two stages, the

first stage due to pyrolysis and the second stage due to char-C0, reaction. Reactivity

in the first stage is mainly a function of the volatile matter content of the char/
coal and the rate of heating. The rate of pyrolysis can be approximated by an
Arrhenius type expression (Equation 1) with an activation energy of about-2.5
Kcal/mole.

Reactivity of a char in the second stage char-CO; reaction, is found to depend
more on its coal seam than on the gasification scheme used for its production. Each
char/coal sample is found to have its own characteristic rate curve. The different
rate characteristics of coals and chars are apparéntly due to the difference in
their pore characteristics, which again change with conversion and temperature.
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A parameter, that represents the change in available pore surface areas of the
particles during reaction, is introduced into the rate equation to account for the
rate-conversion curves. The calculated rates are found to agree quite well with
the observed rates.

The rate of char-CO; reaction is found to have no direct relation with the
total surface area of the pores. The study indicates that only a fraction of the
total surface area which is occupied by pores above a certain diameter is available
for reactions.

Notation

Pyrolysis rate constant, 1/min
Pore surface area, m2/g

’d>>

B Activation energy of pyrolysis, cal/cmole

Ca Concentration of gas; Cpg that at the outside surface of solid,
mole/cm 3

CSo Initial solid concentration, mole/cm

De Effective diffusivity, cm‘/min o

dpng Micropore diameter; dns surface average micropore diameter, A

fP Total fraction conversion due to pyrolysis

kv,kvo Second stage reaction rate constants, cm”/mole.min

R Gas constant, cal/mole.°R

r Radius of solid particle; ry initial radius, cm

T Temperature, °R

t Time, min.

X Fraction conversion of solid

B,v Physical parameters of the solid defined in Equation 3
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correspond to the heating rate curves
shown in Fig. 3.
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Gasification of HYDRANE Char in Reactions with Carbon Dioxide and Steam

Walter Fuchs and Paul M. Yavorsky

U.S. Energy Research and Development Administration
Pittsburgh Energy Research Center
4800 Forbes Avenue
Pittsburgh, Pennsylvania 15213

INTRODUCTION

During the current efforts, two basic principles for coal gasification have
been advanced, One 1s the production of synthesis gas by reacting the coal with
steam under the addition of heat. If this gas should be upgraded to replace
natural gas, a methanation step 1s necessary after the proper ratio of carbon
dioxide and hydrogen has been established by a water gas shift reaction. The
methanation is highly exothermic. But since it has to be executed at a moderate
temperature (400° C), its heat cannot be used (1). The other possibility is to
hydrogenate the coal directly under high pressure to obtain methane. This method
1s more efficient because it eliminates the methanation step. In the real case,
direct hydrogasification does not eliminate the methanation completely, because
the presence of some hydrogen in the product gas (15 to 20 pct) cannot be avoided;
however, the methanation requirements are considerably less. .

TQg HYDRANE process (2) uses the hydrogenation approach and is designed to
gasify caking coal without pretreatment by partial oxidation. The caking property
of the coal will be removed by feeding the raw coal into a dilute-phase reactor,
in’ which the coal falls freely in contact with a hot gas wixture of hydrogen and
methane. If the coal is heated rapidly through the plastic stage (400° C to 700° C)
excessive agglomeration of the coal particles can be avoided. After the coal has
been devolatilized and partly hydrogasified in the dilute phase reactor, it enters
a second stage, which 1s a fluid bed reactor. In this stage, the solids will be
hydrogasified in a hydrogen atmosphere at approximately 900° C and under a pressure .
of 70 atm. The gas fed to the fluid bted reactor is pure hydrogen; the gas leaving
this stage contains approximately 46 pct methane. This mixture is fed to the free
fall stage, where the hydrogen—-to-methane conversion will continue in presence of
the dilute solids phase.

Though the total carbon content of the coal could be gasified in the fluidized
bed stage, it is more efficient to hydrogenate the coal only partially, and to use the
remaining char for the production of the necessary hydrogen. In this case, the char
leaving the fluid bed will be fed into a gasifier, in which, by adding steam and
oxygen, the char will be converted into hydrogen rich synthesis gas.

Tests have been made on HYDRANE char to obtain kinetic information concerning
the water gas reaction (reaction with steam). By HYDRANE char we mean the residual
char rejected from the fluid bed stage of the process development unit at the ERDA
Energy Research Center in Pittsburgh. This char contains approximately 50 pct of
the initial carbon content of the raw coal.

Principal Reactions and Kinetics

The overall chemical reaction to be studied is
H,0 + Char -————> H, + CO + COp + Ash 1)

This is a multistep reaction which , according to (3) and (4) among otﬁers, can be
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separated into the following principal processes (C_ denotes a free reaction site and
Co an oxidized reaction site at the carbon surface).

ko
H0 + C; <T> Hy + Cj 2)
2
ki3 )
¢, ——> €0 + yC, 3)

In addition, there is a competing oxygen exchange reaction

k;
co; + Cf <—k"——> co + Co . &)
1

The parameter y in reaction (3) is assumed to be unity. In this case a steady gasifi~
cation rate will be maintained; a new active site is generated with each carbon atom
gasified. The experimental results tend to confirm this assumption. The number of
carbon sites available for oxidation depends on the detailed structure of the surface,
in addition to the surface area (5, 6, 7, 8, 9). Since the char we are dealing with
is very porous, we can assume that the geometrical surface area of the particles can
be neglected compared to the internal surface area, i.e., the available surface area
is proportional to the total amount of solids in the reactor and independent of the
size and shape of the particles. o

Denote the fraction of the carbon atoms which can be oxidized (i.e., active sites)
by

— DNumber of active sites
t Total number of carbon ators

[«

which 1s assumed to be a constant. Then the fraction of the active free sites, Cf,
and of the oxidized sites, Co, follow the relation

Ct = Cf + C° 5)

Reaction (3) represents the actual gasification step. The gasification rate
dn/dt, in mol/s 1is ’

dn
at = NC k3Con 6)

n is8 the number of carbon atoms present.
The rate constant ky has the dimension:

moles gasified]second
moles of carbon present

From Equation 6 it is easy to determine the quantity k3C°:

kG, = (/O 1n (o /ne) ), S

©
vhere t is the residence time of the char, and n(t) is the remaining amount of carbon
in the reactor after time t. The fractional concentration of oxidized sites, Co, is
not known. It depends on the rates of the oxygen exchange reactions. ’
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For experimental purposes we can simplify the system of reactions described above
by reacting char with carbon dioxide without the presence of steam. The gasification
reactivity, k3C,, can be determined by measuring the amount of solids converted to gas.
In addition, the equilibrium value of C, approaches very closely that of Cy 1f the
amount of carbon monoxide generated is small compared to the carbon dioxide present;
in this case almost all active sites are oxidized. This can be verified theoretically
by analyzing reactions (3) and (4).

dC
o

] = = k¢ k'C. C

' -
1€¢0Co ~ kaC 8

c0,°¢ ~ o
CC02 and CC0 are the concentrations of CO2 and CO respectively. At the high pressures

of interest, the oxygen exchange reactions are very fast compared to the gasification
reaction (10), Therefore, the last term of Equation 7 can be dropped. In the steady

state dCy/dt = 0, Eliminating the number of free sites and expressing it in terms of
the total number of active sites Cf = Ct - Co’ we obtain

C = ot : 9)

vhere K; = ki/kj, and x = CCO/CCOZ'

Experimental Outline

The experimental system used in this study is basically the same which has been
used by S. Friedman et al. (11) (see figure 1). In our application a constant flow
of feed gas was maintained, which kept the char in a fluidized state. The pressure
(up to 70 atm) was maintained by the .supply cylinders, and in case of water, by
pressurizing the water reservoir with helium. The gas flow was controlled with
needle valves and flowmeters before the gas entered the reactor. A preheater was
necessary to maintain a wniform temperature profile along the reactor. The reactor
was heated by direct resistance heating, in which the reactor vessel served as the
heating element. The heating current of up to 700A was supplied with a stepdown
transformer, whose primary voltage could be controlled. The gas leaving the reactor
flowed through a steam trap before it was depressurized., A back pressure regulator
kept the pressure in the system constant. The gas was metered and flared. Provisions
were made to take periodical gas samples for chemical analysis.

The reactor (figure 2) consisted of a 1.78 m long stainless steel tubing with

' an inner diameter of 0.8 cm (5/16") and a wall thickness of 0.4 cm. Two disks of

porous stainless steel confined the char sample within the reaction zone, which was
1 m long. In the non~fluidized state a charge of 5 g occupies half of the reaction
zone., The porous disks were kept in place by pinching the tube from the outside. A
new tube had to be provided for each experiment. The temperature was monitored with
four chromel-alumel thermocouples peened into the tube wall. At the bottom of the
stainless steel tube, a preheater in form of a ceramic rod containing a heating wire
raised the feed gas temperature.

For the steam experiments, this preheater was not sufficient to vaporize the.
water completely. Therefore, in addition to the preheater, heating tapes were
wrapped around the water feed line to keep the temperature above the boiling point
of the water at the pressure of the experirent. Extra thermocouples at the inlet
and exit of the reactor allowed the temperatures to be checked to assure that no
condensation has occurred.
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Experimental Procedures

All experiments have been carried out isothermslly at constant pressure. For
the experiments with carbon dioxide and char, the reactor hss been heated up rapidly
after the proper gas flow has been established. The heat-up time was always less
than a minute, with the run lasting between 20 minutes and 4 hours. At the conclusion
of the experiment, the heat was turned off, and the reactor quenched with water. The
procedure for the steam-char experiments was different. The system was first pressur—
ized with helium, then heat was applied. After the proper temperature has been
reached, the water flow was started. At the conclusion of the run, the water.was
tumed off, and replaced with a flow of dry nitrogen in order to remove all of the -
steam., The reactor was slowly cooled and eventually gradually depressurized. This
was necessary to avold the condensation of water in the reactor. After the reactor
has been cooled to room temperature, the stainless steel rod was cut in the middle
to retrieve the residual solids, which were weighed and analyzed for their carbon
contents.

Care has been taken to prevent a build up of the product gas concentration near
the particle surface. This would unduly favor the back reaction of the oxygen
exchange reactions. Tests showed that the superficial gas velocity to avoid this
effect had to be larger than 40 cm/s for the carbon dioxide experiments, while for
the steam experiments, a velocity of 15 cm/s was sufficient. This probably can be
explained with the high diffusivity of hydrogen, which is the principal product of
the steam - char reaction. The binary gas diffusivity of the H0 - Hy system 1is
approximately 6 times that of the CO; - CO system (12).

Results

An analysis of the char used for most of the experiments is given in Table 1,
This represents the averaged data and their standard deviation errors from eight
individual analyses. The batch of char HY-13, from which these samples were taken,
was always carefully mixed before a sample was withdrawn. As can be seen, the only
major components are carbon and ash. In a few cases char from a different source
has been used; this is discussed below.

Carbon dioxide - char reactions:

Since the carbon dioxide - char reaction experiments are less complicated
and easier to analyze than the steam ~ char reactions, they have been carried
out first. All pertinent data are listed in Table 2. The temperature ranged from
750° C to 900° C. The pressure was usually 35 atm, and twice it was 18 atm. The
feed gas was a mixture of carbon dioxide and helium. In most cases the ratio was 1
part helium to 10 parts carbon dioxide. The partial pressure of the carbon dioxide
is given in column 3. The feed was adjusted such that the linear gas velocity
for most tests was kept between 0.4 and 0.6 m/s (column 4), requiring a gas
flow of up to 0.010 mol/e; this 1s a very high gas feed compared to the actual
conversions, such that more than 99 pct of the effluent gas consists of carbon
dioxide and helium. The carbon monoxide -production was almost not measurable
(<0.5Z). However, the solids and carbon conversion was determined. Column 6
gives the fraction of the retrieved solids by weight (i.e., X = weight of residual
solids/weight of charge). The fraction of the retrieved carbon has been determined
by chemical analysis of the charge and of the residue and is listed in column 7
(1.e., Y = mass of carbon in the residuum/mass of carbon in the charge). In figure
3 the quantity Y is plotted versus X. The graph also contains points obtained
from steam experiments, All points are scattered around a straight line intersecting
the abscissa at 0.32, which corresponds to the ash content of the original char
(see Table 1). One can conclude that, while the ash remains completely inert, the
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non-ash components, which consist to 97 pct of carbon, are gasified at the same
rate as the fixed carbon. This observation allows to calculate the carbon conversion

" from the total mass loss, which is determined by weighing and therefore many

times more accurate than a chemical analysis of the residual solids., The
fractional carbon conversion (equivalent to the quantity Y in Table 2) can be
expressed as

X - CA

Y = — 4 10)
1 - CA

where C, is the fractional ash content of the charge. The reaction constant
in column 8 of Table 2 is calculated according to Equations 7 and 10

l1-¢C
1 A
B . 1n ¥ -C 11)
res A
where t is the residence time given in columm 5 of Table 2. The results

show thaf the carbon conversion is a first order process with regard to the
carbon present. Figure 4 shows no systematic relationship between the rate
constant as defined in Equation 7 and the mass loss. The Arrhenius

plot in figure 5 shows that the process is also of Oth order with regard to

the amount of reactant gas present. Two data points have been obtained from
experiments conducted at 18 atm, which is half the usual pressure (see Table 2).
The Arrhenius plot gields an activation energy of 54.5 kcal/mol and a frequency
factor of 1.14 x 107s™!, The plotted quantities represent the rate constant k3C
as 1t is defined in Equation 6. However, as already mentiomed, with the low carBon
monoxide concentration (£0.5%), the quantity C, is approaching C. according '
to Equation 9. K; is the equilibrium constant for the oxygen exchange reactions
4, and assumes the values from 0.03 to 0.2 for a temperature range between

750° C and 900° C (4, 13). Using these figures and Equation 10, it has been
estimated that the quantity kact should be in the average 10 pct larger than B,
with an activation energy reduced by approximately 2 kcal/mol. But this is
within the fluctuation of the experimental data. Table 2 and figure 5 contain

3 points taken on SYNTHANE char at three different temperatures. This material,
originally Illinois #6 coal, went through a steam gasification process with 60 pct
of its original carbon content gasified, The reactivity of this char cannot be
distinguished from the HYDRANE char.

Steam - Char Reaction:

The reaction of the char with steam 1s a more involved process than the
carbon dioxide reaction because now reactions 2 and 4 compete with each other. Also
with the existing experimental system, the temperature along the reactor could not
be kept as uniform as was the case with the carbon dioxide experiments, causing
more scattering of the data. Results of the steam series are listed in
Table 3. The arrangement of the columns is the same as in Table 2, except
no partial pressure 1s given because the feed gas consisted exclusively of
steam. Since the carbon conversion data from these runs have the same
relationship to the total mass loss as was the case with the carbon dioxide
experiments, Equation 11 could also be used to calculate the rate constant.
An Arrhenius plot of the rate constants i1s given in figure 6 superimposed
on the averaged rate constant for the carbon dioxide - char reaction taken
from figure 5. Taking the experimental scattering into account, we see that
for both types of reactions the reactivity is similar. Since the steam concentration
was alvays more tham 98 pct, the difference between C, and C. can be assumed to be
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very small, using the same argument as for the carbon dioxide tests. The similarity
between the carbon dioxide and the steam data indicate that the gasification
reaction, Equation 3, is the rate controlling step, with the same type of reaction

" sites responsible for both reactions. Also it has been shown that the concentration
of the reactant gas has no effect on the reactivity.

Discussion

The reactivities obtained in our experiments refer to the composite quantity
k3Ci, where Cy is assumed to be independent of the temperature (within the limits of
our experimental conditions). C; represents the fraction of those carbon atoms in
the solid which are available for oxidation. Obviously, the surface area of the
material is of prime importance. However, as already mentioned, only a small portion
of the surface sites is capable of accepting oxygen. In graphites, this portion is
4 pet (9). Moreover, it was shown that various discrete types of reactive sites do |
exist on graphon surfaces (S5, 6, 7, 8), which in general are activated at differemnt
temperature regimes. The accepted notion is that oxidation takes place around crystallo-
graphic defects (14). Following these arguments, it should be expected that the gasifi-
cation reactivities of chars and cokes, with their high surface area and their high
structural disorder, should be many times larger than those of graphitized materials. In
figure 7 the reactivity constants for gasification, k3jC., of various graphites and carbons,
obtained by Ergun (4) and Mentser and Ergun (10) are plotted together with our results
from the carbon dioxide — char reaction experiments.

The activation energy remains the same for all materials. In addition, the
activation energy from recent experiments on reactions of petroleum coke and electrode
material with carbon dioxide (17) is between 51.3 and 56.6 kcal/mol, in good agreement
with our data. This allows the conclusion that the chemical desorption step, which
according to Equation 3 i1s controlled by the quantity ki, is unaffected by the
crystallographic state of the reactive surface. However, the fraction of available
active sites, Cy, varies by more than 2 orders of magnitude, as can be seen from the R
pre-exponential factors of the Arrhenius plots in figure 7. The lowest C, is associated
with Ceylon graphite, which comes closest to an ideal graphite structure. The reactivity
of the materials follows inversely the order of thelr degree of crystallographic perfectiomn.

The first order characteristic of the carbon conversion process is in agreement
‘with the aseumption that, for a particular material, the fraction of the active sites, C,
remaine constant during the reaction, or, in other words, that the parametery in the
gasification reaction, Equation 3, in unity. This has been confirmed by surface area
measurements, which showed that the B. E. T, surface of a sample before and after the
experiment increased only slightly.

A catalytic effect due to the multitude of foreign matter in cokee and chars
is possible. However, this should also change the activation energy of the gasification
step. Experimental evidence suggests that the activation energy should decrease
with catalytic action (15).

Experiments on various types of chare and raw coals under atmospheric pressure
have been conducted by C. Y. Wen's group in Morgantown, West Virginia, (16). Figure
8 ghows the results as continuous curves. An interesting feature is that the pre-
exponential factor depends only on the source of the coal, and not on the treatment .
for charring. The upper curve describes the reaction behaviors of untreated Illinols
#6 coal and three different chars made from Illinois #6 (HYDRANE, SYNTHANE, IGT) the
lower curve refers to untreated Pittsburgh Seam coal and to HYDRANE char made from
this coal. The bottom curve in figure 8 refers to measurements by Ergun (13) on
metallurgic coke. The activation energies of all three curves agree well with the
results of this study up to a temperature of approximately 1000° C. Above that
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temperature, the activation energies decrease markedly. Various explanations have
been suggested for this behavior.

Conclusion

For temperatures up to 1000° C and within a wide pressure range (from atmospheric
to 70 atm), the rate limiting step for the reaction of carbon with steam as well as
with carbon dioxide is the desorption reaction, in which an oxidized carbon is released
from the carbon surface, forming a gaseous carbon monoxide molecule. This process
1s governed by an activation energy around 56 kcal/mol. It is suggested that for both
reactions, ateam - carbon and carbon dioxide - carbon, the same type of atomic carbon
sites on the surface are involved. In addition, it has been shown that chars made
from Illinois #6 coal exhibit high reactivities compared to other carbonaceous .
materials. This probably is due to a large surface area and a high crystallographic
disorder of the char. ‘
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TABLE 1.~ Analysis of HYDRANE char
(HY-13, made from Illinois #6)

As recei§ed Moisture and
ash free
Proximate Analysis
3\ Moisture 3.5 £ 0.4
Volatile Matter 3.5 £ 1,5 4,2 £ 0.8
Fixed Carbon 61.1 + 4,8 95.8 + 0.8
Ash 31.9 + 3.8
Ultimate Analysis
. Hydrogen 1.1 + 0.1 1.2 £ 0.3
l Carbon 61,8 + 3,1 96.6 * 0.6
| Nitrogen 0.4 + 0,05 0,7 * 0.05
) Oxygen 3.6 + 0.2 0.6 £ 0.2
: Sulfur 0.6 + 0,05 0.9 + 0.05
! . Ash 32,5 + 3.4
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Figure 5 —Gasification rate constant for the reaction of
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PULVERIZED CHAR COMBUSTION
IN A LABORATORY SCALE FURNACE

R. H. ESSENHIGH
and
J. G. COGOLI

COMBUSTION LABORATORY
FUEL SCIENCE SECTION
MATERIAL SCIENCES DEPARTMENT
THE PENNSYLVANIA STATE UNIVERSITY
UNIVERSITY PARK, PA. 16802

INTRODUCTION

Due to the existing energy situation, many different coal gasification and
liquefaction processes are in various stages of development at the present time.
All these processes produce at least some charbonaceous residues or chars as by-
products or perhaps coproducts. In some cases however, the char 1s used on site
internal to the particular coal conversion scheme being employed. Other processes
will have a negligible net yield of char for external consumption, and still others
may produce char in considerable quantities amounting to as miich as 50 percent of
the raw coal feed to the plant. A study performed by Battelle Memorial Institute (1)
stresses the need for markets to be found for the char produced from conceptual full-
scale coal processing plants. They cite as examples yields of 4.4 million tons of
char per year from a Consolidation Coal Company liquefaction plant producing 55,000
barrels of liquid petroleum per day at a depth of conversion of 50 percent, and 1.7
million tons per year from an FMC COED plant processing 3.5 million tons of coal per
year., The ability to efficiently use these yields of char is of serious concern if
full scale plant operation is to become a reality. The long term objective of the
present continuing study is to determine the combustion characteristics of various
coal chars in order to determine the suitability of the chars produced from various
coal conversion processes for use in conventional combustion chambers, especially
water-wall utility boiler furnaces.

The work reported here represents only the first stage of this continuing
research project, and as such, serves mainly to make some general observations
about the combustion of various coal chars and to identify the pertinent questions
and research goals that will be examined in future critical detailed experiments.

EXPERIMENTAL APPARATUS

The experimental flames discussed in this report were generated in a vertical
furnace termed the plane-flame furnace. The present version of the furnace is
patterned after the one previously used by Howard and Essenhigh (2). The furnace
is of square cross section, 16.5 x 16.5 cm inside dimensions, with the chamber
walls constructed of insulating brick (6.35 cm thick) and encased in transite sheet
insulation (.48 cm thick). The combustion chamber is approximately 2 meters long
and is topped by a two-row staggered tube bank of water cooled tubes. On top of
the tube bank assembly is a sheet metal mixing chamber, a pyramid in shape and
72 cm high. The pulverized fuel and primary air enter the top of the mixing chamber
through a jet directed vertically upward, and the secondary air enters through a
jet directly opposed to and impinging on the pulverized fuel and primary air jet.
The two air streams and the pulverized fuel mix thoroughly in the mixing chamber
and the resulting dust cloud then passes through the staggered tube bank into the
combustion chamber below. The tube bank ensures that the dust cloud remains at
ambient conditions until it actually enters into the combustion chamber proper and
forces the resulting flame to stabilize in the square cross section combustion
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chamber. The flames produced in this manner will stabilize with a flat flame front
somewhere along the extent of the combustion chamber, with the flame itself extending
throughout the remaining portion of the chamber and passing out the flue connecting
section to the gtack.. A set of observation and sampling ports is distributed along
the vertical axis of the furnace on the front wall and wall thermocouples, flush
with the inside of the furnace wall, are located on the back wall.

The essential feature of the plane-~flame furnace is the absence of recirculation
currents, i.e., backmix flow in the combustion chamber. Howard (3) verified this
fact with detailed helium tracer experiments. No recirculation of hot combustion
products means that the history of material gathered at a particular point in the
furnace 1is able to be unambiguously specified.

The flames produced in the plane-flame furnace are stabilized by radiation
heat transfer, with conduction and convection playing completely negligible roles.
The incoming dust cloud emerges from the tube bank and the fuel particles are heated
by radiation from the combustion zone lower in the chamber. The gas is primarily
heated by conduction from the hot particles, and when the mixture ignites and
proceeds to combust, the hot dust cloud in turn radiates back to the incoming cold
cloud and the whole process continues in a selfsustaining manner.

The design and operation of the plane-flame furnace is characterized by the
following summary description:

1. No recirculation of combustion gases.

2, éll secondary air 1s added to primary air/fuel mixture before entrance
to combustion chamber.

3. No supplementary fuel is fired with the experimental fuel being studied

4, No preheat of secondary air or primary air/fuel streams.

5. Combustion envirommpent in a utility boiler is simulated.

The last item in the summary above 15 not obvious since a chamber roughly
half a foot on a side and seven feet tall does not seem to resemble a boiler furnace
that might be forty feet on a side and perhaps a hundred or more feet high. Both

' chambers have residence times on the order of 1 second and peak gas temperatures

around 1500 - 1600°C. Thus, the plane-flame furnace does simulate quite ade-
quately the combustion environment in a full scale utility boiler.

PLANE-FLAME FURNACE RESULTS

After the reconstruction of the plane-flame furnace, the first fuel burned in
the furnace was a Pittsburgh Seam bituminous coal, in fact, the same fuel that
Howard (2, 3) studied. The flame front for the bituminous coal stabilized approxi-
mately 5 cm down from the bottom of the tube bank, as Howard had observed. This
initial firing on bituminous coal served to verify that the reconstructed ‘furnace
behaved similar to Howard's original. As seen in Fig. 1, a variation on particle
size was run with one fraction consisting of all particles above 88 microns, another
with all particles above 44 microns and the last with all particles below 44 microns.
Amazingly, no shift in flame front occured at all, but with a definite shift in wall
temperature level present in the case of the smallest size fraction. It should be
emphasized that most results presented in this study are displayed as plots of back
wall thermocouple temperature versus distance down from the bottom of the tube bank.
Suction pyrometer temperatures were obtained for some specific points for various
fuels and those readings will be clearly specified as not being the usual wall
thermocouple temperatures.

The next fuel burned in the plane-flame furnace was a Bureau of Mines char
prepared from a high-volatile bituminous coal (Utah King A mine) in an entrained
carbonizer at the Bureau's Grand Forks Station. The VM (volatile matter) content
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of this char is 5.1 percent. Only a 20 pound sample of this char was available,
meéning that only one short run could be made. In Fig. 2, the wall temperature
profiles are shown for two different total air flow rates. The general shape of
the profiles is radically different from the bituminous coal profile in Fig. 1.
For the higher air flow rate, the flame front was approximately 55 cm from the
tube bank, while for the lower air flow rate the flame front stabilized at about
40 cm. Also, it should be noted that the wall temperatures for most of the top
half of the chamber become depressed and the ones in the bottom half are elevated
with increasing air flow rate. This general tendency will be seen through the
presentation of the results here.

The next fuel burned was an FMC COED char with a VM content of around 2.5%,
the parent coal being an Illinois No. 6 coal (Peabody No. 10). Fig. 3 shows two
wall profiles for this COED char, one for all particles less than 44 microns and
the other for about 45 percent (by weight) smaller than 44 microns. The shift in
flame front from 55 cm back to 37 cm from the tube bank 1s quite significant since
only a relatively minor change of particle size distribution was involved. Recall
that the bituminous coal showed no flame front shift for considerably more radical
changes in particle size.

In connection with the study of coal chars, other low volatile fuels, specif-

“ 1lcally anthracite coals, were burned in the plane~flame furnace. Fig. 4 shows the
wall profiles for some anthracite runs. The regular grind anthracite profiles in
Fig. 4 correspond to times soon after (early) and about 1 hour after (later) the
preheated chamber was switched over to the anthracite coal. This particular anthra-
cite 1s actually an anthracite silt with about 8.5 percent VM which is fired in
utility boilers in the Hunlock Creek Station of the Luzerne Electric Division of
U.G.I. Corporation. The silt is very finely ground with about -75% smaller than

" 44 microns and only 4 percent larger than 88 microns. The wall temperatures fell
progressively with time until after about 90 minutes after switchover, the flame
extinguished. At no time did the wall temperatures stabilize, thus this run was
under strictly transient conditions. Also plotted in Fig. 4 is the profile for an
ultra-fine grind Anthracite (5-10 Microns). for approximately the same firing condi~
tions. This profile was stable without a doubt in this case, with the flame front
located about 40 cm from the tube bank,

Two different low volatile fuels also became available for experimental purposes
after the anthracites were run. These two fuels are Exxon chars produced at the
Exxon Baytown Research and Development Division. One char is produced from a Wyodak
coal (Wyodak Resources Development Company Mine) and the other from an Illinois
coal (Monterey Coal Company No. 1 Mine). Preliminary runs with these chars (7-9
percent VM) indicated that their combustion characteristics were more like bitu-
minous coal than the other low volatile fuels described previously, It was decided
to run the previously described COED char and the two Exxon chars under controlled
conditions to see how these three fuels would behave under similar’ experimental
conditions.,

The conditions chosen for the standarized runs were net heat input close to
100,000 Btu/hr and preset stepped total air flow rates. The proximate analyses,
moigture contents, heating values and fuel feed rates are shown in Table 1. (see
next page) The total air flow rate values chosen are given below along with their
designated symbols: A, 8,76 SCFM; B, 11.55 SCFM; C, 13.76 SCFM and D, 17.79 SCFM.
For this serles of runs, each fuel was pulverized so that 45 percent was finer
than 44 microns. Figures 5 - 7 represent the wall temperature profiles for the
COED, Exxon Wyodak and Exxon Illinols chars respectively. Figure 5, the FMC COED
plot, contains plots for only conditions A and B, the other conditions could not be
stabilized., However, in Figure 5 the same COED type profile is seen as in Fig. 3
discussed earlier., Again the flame front positions ‘are quite far removed from the’
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TABLE 1

CHAR
TYPE

28 2 e
Las

H

% MOISTURE

LHV (BTU/LB)

FEED RATE
(LB/HR)

NET HEAT
INPUT (BTU/HR)

STOICHIOMETRIC
AIR FLOW (SCFM

CHAR RUNS

FMC

2.97%
76.037%
21.00%

2.23%

11,362

98,280

) 15.92

EXXON
WYODAK

8.84
69.91
21.25

6.18

10,446

10.36

108,220

14.85

EXXON
ILLINOIS

7.83
68.17
24,00

3.51

10,094

10.22

103,160

17.93

tube bank and a region of nearly linear wall temperature rise is followed by an
Samples of particulates were taken at a port 123 cm from
the tube bank to obtain an estimate of the extent of particle burnoff. Table 2 has

almost isothermal zone.

the burnoff values tabulated for all three chars.

TABLE 2

BURNOFF PERCENTAGES FOR STANDARDIZED

CHAR
TYPE

% BURNOFF
CONDITION A

% BURNOFF
CONDITION B

% BURNOFF
CONDITION C

% BURNOFF
CONDITION D

CHAR RUNS (POSITION 123 cm)

FMC
COED

18.63

31.67

EXXON
WYODAK

29.35

53.10

77.43

EXXON
ILLINOIS

15.84

19.92

41,17

47,47
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Profiles for the two Exxon chars are plotted in Figures 6 and 7. Here the wall
profiles look more like bituminous coal profiles at low air flow rates and tend
to become more like the.COED profiles at the highest flow conditions. For both
the Exxon chars, the flame never moved more than 23 cm down from the tube bank.

One addition solid sample measurement was taken for the Wyodak char under
condition A, A sample was taken just above the visible flame front (3 cm from
tube bank) and the resulting burnoff value obtained from this sample was 2.37%.
Due to the minute fluctuations of the flame front with time, a 5 minute sample
might be expected to show some burnoff slightly greater than zero.

Also several suction pyrometer temperature measurements were taken during

" these standardized runs. The first reading was for COED (A) and showed-the flame
temperature 330 degrees above the local wall temperature of approximately 1250°C.
A pair of suction pyrometer readings was taken at distances of 2 cm above and
below the visible flame front for the Wyodak (C) char. A difference of about
400 degrees in flame temperature was observed in moving a total distance 4 cm
across the flame front,

DISCUSSION

The first point to be treated here is the use of the plane-flame furnace as a
qualitative tool to order fuels according to their suitability for combustion pur-
poses. As vas mentioned earlier, the regular grind anthracite 'silt as burned by
UGI failed to stabilize, while the COED char can be stabilized at low air flow rates.
Taking account of this experimental fact, FMC and UGI arranged a full scale COED char
firing of one of UGI's anthracite burning boilers (4). The parent coal of this char
is a Utah high volatile — B bituminous coal from the King Mine. The tests were ‘
successful with the essential result being that when firing the COED char 8 percent-
- age points in boiler efficlency were gained (73 percent to 81 percent) even with
the minimum excess air limited to 45 percent due to the boiler control system. At
lower values of excess air, the gain in efficiency might have been still greater. )
Thus, the plane-flame furnace has already been used as a test to order fuels )
according to combustion suitability.

It should be noted that the Bureau of Mines has burned the 5 percent VM Bureau
of Mines char and the 2.5 percent FMC COED char in their 500 pound per hour experi- /
mental furnace. They found in the case of the COED char (6) that for a secondary .
air preheat temperature of 600°F, 14 percent of the furnace heat input had to be |
supplied by auxillary natural gas at a primary air/char preheat temperature of 250°F
to obtain stavility, decreasing to no natural gas at a primary air/char temperature
of 450°F. For the 5 percent Bureau of Mines char approximately 15 percent of the
heat input had to be supplied by natural gas with no primary stream preheat and a
700°F secondary stream preheat for a stable combustion condition. As mentioned 3
earlier, the plane-flame furnace uses no preheat of either input stream and no supple-
fuel. Based on arguments based on radiative heat transfer scaling effects, the )
small ceramic-walled plane-flame furnace tends to be a better utility boiler simula-
tion than the medium sized (12 ft x 7 ft x 5 ft) water-cooled Bureau of Mines
furnace. . . :
‘ !
#
j
1

Secondly, the subject of particle size was mentioned several times in the
previous section. The fact that the regular grind UGI anthracite.(75 percent
finer than 44 microns) could not be stabilized and that the ultra-fine grind
anthracite did stabilize is of general importance in the area of low volatile
fuel combustion. Smith and Tyler (5) have studied the reaction of a semi-anthra-
cite with oxidizing atmospheres with four distinct size fractiong being used.
Only when they dealt with their 6 micron size fraction did the results indicate
complete penetration of oxidant into the pore structure. This fact together with
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the 40 kcal/mole activation energy for the 6 micron fraction versus the 20
kcal/mole value for the 22, 49 and 78 micron size fractions clearly points to

the value of around 6 microns where pure chemical control takes over from the
combined chemical and pore diffusion region. This size limit for coals of similar
microstructure seems to account for the difference in behavior between the two
anthracite samples burned in the plane-flame furnace.

Certainly, the most important topic of discussion here is the extreme dif-
ference in the combustion behavior displayed by the two Exxon chars and bitumi-
nous coal on the one hand and the anthracites and the other chars on the other.

The key point in characterizing the combustion behavior of fuels in the plane-
flame furnace is the distance between the flame front and the water-cooled tube
bank. The argument behind this decision is based on the thermal ignition theory
of flowing systems as first proposed by Vulis (8). In this theory the position

of the flame front is determined by the heat balance criterion being simultaneous-
ly applied to a set of control volumes composing the flowing mixture from the cold
inlet to the chamber exit, For a given stoichiometry, set of reaction kinetics and
flow conditions, the temperature profile of the entire flame can be solved for by
the simultaneous solution of all the heat balances of the elemental volumes in the
system. The solution of these equations must be iterative because each volume
element is coupled by radiation to every other volume element in the chamber and

to every element of surrounding wall area. A computer simulation of plane-flame
furnace behavior has been tested in a simplified form using the char kinetics of
Field (9,10) and the Hottel zone method of radiative analysis (11). Preliminary
solutions do mirror the effects of increased air flow rates on lowering the earlier -
temperatures in the flame, displacing the flame front from the tube bank, and ele-
vating the later temperatures in the chamber. Reactivity variations show the trend
that higher reactivity fuels will stabilize closer to the tube bank. This fact
should be expected because a highly reactive fuel can release more heat per unit
volume at a given temperature and consequently for the same rate of heat loss to a
cold heat sink. Thus, flame front position is a sound basis on which to compare
fuel reactivities on a seml-quantitative basis.

The major question 1s why do the two Exxon chars behave differently than the
other low volatile fuels. The historical approach to characterizing fuel reactiv-
ity by simple testing has been by proximate analysis, specifically volatile matter.
On a dry ash free basis, the chars and anthracites have the following VM values:
ultra~fine anthracite, 10.1%; U.G.I. anthracite silt, 6.97%; Bureau of Mines char,
5.9%; Exxon Wyodak char, 11,2%; Exxon Illinois char, 10.3%; and FMC COED char, 3.8%.
The VM content concept obviously cannot explain the observed differences in combus-
tion behavior since all the values tend to be very closely grouped and the lower
reactivity fuel will sometimes have the higher VM content of a pair of these fuels.

For the chars, the quantity known as the fixed carbon conversion percentage is
a quantity of usual interest. This percentage is defined as the absolute change in
fixed carbon content from raw coal to char based on a unit weight of dry coal divi-
ded by the original absolute weight of the fixed carbon content of a unit weight of
dry raw coal. The fixed carbon (FC) conversion figures for the chars are as fol-
lows: Exxon Illinois char, 45.1%; Exxon Wyodak char, 45.7%; Bureau of Mines char,
30.5%; and FMC COED char, 16.4%. As a comparison, Stacy and Walker (12) studied
five FMC COED chars whose FC conversion percentages ranged from 9% to 23%. Thus,
the COED char studied here can be considered typical. A pattern starts to emerge
from the above values for the chars. The two Exxon chars have received quite heavy
gasification treatment, the Bureau of Mines char probably an intermediate treat-
ment and the COED char only very light treatment. The COED process is known to’
involve multistage pyrolysis in fluid bed reactors at temperatures from 320 °C to
870 °C and a light partial combustion (about -10%Z by weight combustion loss) to
heat the pyrolysis stages (12), Only when the FC comversion concept is linked to
the concepts of available surface area and pore size distribution does it take on
any physical significance in relation to char reactivity.

Two different gas adsorption areas have come into common use to characterize
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particulate fuels. The area calculated from nitrogen adsorption at 77 °K is con-
sidered to represent the external area of the particle plus the areas in pores
larger than about 5 Angstroms, while the area calculated from carbon dioxide ad-
sorption at 298 °K is considered to be the best approximation to the "total sur-
face area of coals" (13). Stacy and Walker (12) report that for the COED chars
they tested, the nitrogen areas were typically lower by about 400 m2/gm than the
carbon dioxide areas. Typical values reported are 100 m2/gm for nitrogen and

450 mz/gm for carbon dioxide. Other chars tested in the same study (HYGAS and
CO7 Acceptor) had both adsorption areas of comparable values averaging around

400 m2/gm . The two Exxon chars are reported to have nitrogen areas in the 300-
425 mz/gm region for typical char products (14). Thus, the COED chars have far
smaller nitrogen areas than carbon dioxide areas, and the Exxon chars have nitro-
gen areas that are 3 to 4 times the COED nitrogen areas. At the present time
carbon dioxide areas for the Exxon chars are not readily available, but this
does not hinder the logical pattern described above. Based on the above area
figures, the two Exxon chars would be expected to be much more accessible to the
attack of reactant gases than the more highly microporous COED char.

Considering anthracite coals, Gan et. al. (15) have recently shown that for
all high rank raw coals (percent carbon on daf basis greater than 837 or from
HVA to anthracite) the nitrogen areas are certainly less than 10 m/gm with cor-
responding carbon dioxide areas of 200 to 450 m2/gm . On a surface area basis,
it would be reasonable to assume that the regular grind U.G.I. anthracite would
not be able to stabilize in the plane-flame furnace when other low volatile fuels
with much less pore volume percentages contained in micropores were having some
difficulty in stabilizing. Quantitatively, anthracites have been established as
having 75% or more of their open pore volumes contained in micropores, with the
remaining volume split between the transitional and macropores (15). The COED
are reported to only have about 30% of their open pore volume contained in micro-
pores and apparently negligible transitional porosity (12). Therefore, adsorption
surface areas and pore size distributions seem to give some solid physical back-
ground to the observed reactivity differences found when the low volatile fuels
are burned in the plane-flame furnace.

In support of this viewpoint, scanning electron micrographs have been taken
as part of this. low volatile fuel research project. The Exxon chars, the FMC COED
char and the ultra-fine grind anthracite were photographed at magnifications of up
to 10,000X. The Exxon chars have voids in the particles which are of the same order
of magnitude as the particle dimensions themselves and some lacy fan-like structures
have been observed. The COED char shows some voidage, but the apparently solid
areas on the particle exteriors are flat planar surfaces with sharp corners and
definite clevage edges. The Exxon chars are seen to be almost completely amorphous
structures, while the COED char appears to have a high degree of order and organi-
zation in some of regions of the particle exterior. The ultra-fine anthracite
shows no surface details even down to a scale as small as 500-1000 Angstroms. The
SEM results seem to agree quite well, at least in a qualitative sense, with the
surface area and pore size distribution argument presented above.

Although it has been recently shown that a strong correlation exists between
the reactivity of chars prepared by a thermal treatment in a nitrogen atmosphere
and the rank of the parent coal (16), the Exxon Illinois char has completely dif-
ferent characteristics than the FMC COED char which was also prepared from a simi-
lar Illinois parent coal. This fact suggests that the precise method of activation
of a coal char in a process other than simple heating in an inert atmosphere can
have a dominating influence on the reactivity of the resultant char. Although, . it
has been demonstrated that parent coals of high rank tend to yield highly micro-
porous chars even with activation treatments that tend to open up the pore struc~
tures of much lower rank materials (16). Therefore, eventhough preparation method
can be the dominating influence on a resultant char's reactivity, high rank parent
coals usually will cause severe problems if a highly reactive char is desired.

At this point, some details about the standardized char runs shown in Figs.
5-7 will be brought out to make their meaning a little clearer. As stated previ-
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ously, the aim of the set of experiments is to rum all three chars at equiv-
alent values of net heat input and total air flow rate. The nominal net heat in-
put was chosen to be 100,000 Btu/hr and the stepped air flow rates are 8.76,11.55,
13.76 and 17.79 SCFM, as stated previously. In Table 1 it can be seen that the
net heat inputs ranged from 98,280 to 108,220 Btu/hr. It is regretable that this
nonuniformity exists. but it does not alter the conclusions based on the results
of the standardized runs. Also, the values of the theoretical air needed for com-
plete combustion of each char are tabulated in Table 1. Here the Exxon Illinois
char has the highest value of 17.9 SCFM, the Exxon Wyodak char requires 14.9 SCFM
and the COED char value is 15.9 SCFM,

Flame front position again was the major difference between the Exxon chars
and the remaining fuel, in this case, the COED char. Even with the highest values
of total air flow used, the Exxon Illinois and Wyodak chars moved no further than
20 and 23 cm respectively from the tube bank. The COED char on the other hand,
could not be stabilized any closer than 54 cm from the tube bank at the lowest
air flow rate. For condition B (11.55 SCFM air flow rate) , the COED flame front
moved to 75 cm from the tube bank and for condition C (13.76 SCFM air flow rate)
the wall temperatures fell continually at all thermocouple locations, indicating
imminent extinction. All three chars showed the effect of increasing maximum wall
temperature with increased air flow rate.

Table 2 contains the burnoff data based on particulate samples collected 123
cm from the tube bank. For all chars the burnoff values increased with increasing
air flow rate. Some care must be used in comparing burnoff levels of different
chars. As mentioned previously, the theoretical air requirements for the chars
are somewhat different. The burnoffs for the COED char versus those for the Exxon
Illinois char are higher than would normally be expected until the difference in
theoretical air requirements is taken into consideration. The Wyodak char has the
highest burnoff values and also has the lowest theoretical air requirement. This
fact makes interpretation of the burnoff data rather difficult when comparing any
two chars. However, it can be noted that for condition D (17.79 SCFM air flow
rate) the Exxon Wyodak char has 77.43% burnoff at about 19%excess air, while the
Exxon Illinois char yields 47.47% burnoff at nearly stoichiometric conditions.
Another observation that can be made is that for the Exxon chars, only when the
air flow rate approaches stoichiometric conditions does the early portion of the
wall temperature profile become appreciably depressed and sloped, similar to the
COED type profile. The added air flows experienced in going from condition A to
conditions B and through to D permit combustion to take place appreciably down-
stream of the tube bank, as evidenced by the flatter wall profiles recorded.
Although the total air flow was increasing from condition A to condition D, the
chamber residence time was decreasing due to the increase of cold inlet flow and
the higher gas velocities present at the higher resultant gas temperatures. .
Future furnace runs with detailed burnoff profiles obtainad along the axis of the
furnace at many different locations would establish exactly where the burnoff is
taking place, and burnoff rates based on segment residence times could be calcu-
lated. Accompanying suction pyrometer reading profiles at the same locations
would allow reasonable gas temperatures to be obtained simultaneously.

CONCLUSIONS

The preliminary data and discussions presented here have demonstrated that
coal chars can posses significantly different combustion characteristics, with the
differences being due to parent coal rank, method of preparation, etc. It has
also been shown that the plane-flame furnace has superior potential for char com-
bustion research due to its unique design. In conclusion, if the use of coal chars
in full scale combustion chambers i1s to become a technical reality, precisely
designed critical experiments,based on the qualitative behavior reported here must
be performed to put even preliminary design procedures on firm scientific founda-
tions.
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Fig. 1 -~ Wall Temperature Profiles for Bituminous Coal
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Fig. 4 —— Wall Temperature Profiles for Anthracite Coals

1500
1200 [
900 F
600 T
H O Steady State Ultra-fine Anthracite
s steady . L
300 } state [0 Late Regular Grind U.G.IL. Anthracite
flame ¥, parly Regular Grind U,G.TI. Anthracite
front
0 \ 4 A 1 i i L 1 \ i A J /
0 20 40 60 80 100 120
Distance from Tube Bank [cm]
Fig. 5 -- Wall Temperature Profiles for Standardized COED Char Runs 4
1500 -
1200 }
900 |
S y
600 |
- 0O Condition A 1
300 [ flame O Condition B 1
P fronts
0 'S A A Il A 1 e L 1 L 4 4
0 20 40 . 60 80 100 120
Distance from Tube Bank [cm] \
+ 6 -- Wall Temperature Profiles for Standardized Exxon Illinois Char Runs K
1500 h
v,
1200 A
900
S ,‘l
600 F O Condition A |
i O Condition B N
3 flame fronts
00 [ ( A Condition C \
[ l § © Condition D \
o 1 1 L} 1 [} A Y e A L l. 'y
0 20 40 60 80 100 120

Distance from Tube Bank [cm)




Rty

145

Fig. 7 -- Wall Temperature Profiles for Standardized Exxon Wyodak Char Runs
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METHANOL SYNTHESIS IN A THREE PHASE REACTOR. Dr. Martin B. Sherwin, Dr. David B.
Blum. Chem Systems Inc., 275 Hudson Street, Hackensack, New Jersey 07601. .

Chem Systems, under the sponsorship of the Electric Power Research Institute, is de-
veloping what it considers to be both an efficient and reliable system to manufacture
methanol for peak shaving power generation from coal-derived synthesis gas. The reac-
tion scheme consists of a three-phase fluidized bed reactor. Synthesis gas containing
C0, CO» and Hp is passed upward in the reactor cocurrent to an inert liquid which serves
to botﬁ fluidize the catalyst and absorb the exothermic heat of reaction. The conversion
Tevel is limited by equilibrium considerations but a close approach should be obtainable
by this system. At 800-1000 psig and 2600-300°C, about 25-30% conversion should be
realized by utilizing a commercially available copper-based catalyst. The exothermic
heat of reaction is taken up by the liquid as sensible heat and by vaporization. The
overhead product gases are condensed ‘to remove the product methanel and water and to re~
cover any vaporized liquid for recycle. The main liquid flow is circulatory through a
heat exchanger for temperature control. Unreacted synthesis gas can either be recycled
to the reactor or burned directly for base-load power generation.
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COPRODUCTION OF METHANOL AND SNG FROM COAL:
A ROUTE TO CLEAN PRODUCTS TROM COAL
USING ''READY NOW'" TECHNOLOGY

R. M. McGhee
Transco Energy Comnany, louston, Texas 77001

INTRODUCTION

Clean fuels and chemicals have been produced from coal for more than a century.
When natural gas and crude oil became readily available at low cost, coal use
decreased. In most of the developed countries, only limited research and develop-
ment efforts continued. However, where gas and oil were not readily available and
coal was, the dévelopment has continued, and today we have three primary processes
to convert coal into a synthesis gas which can be cleaned up to remove sulphur

and other objectional impurities and which can be used as a fuel as is, upgraded
to a pipeline quality or high Btu gas or converted into other products (liquid
fuels or chemicals). The main processes in use today on a commercial scale are
the Winkler, the Koppers Totzek, and the LURGI process. These processés are
competitive, and the choice for any particular application is made on both the

quality and characteristics of the coal available and on the products desired.

Many other processes are in various stages of development--bench scale, pilot plant,

and demonstration plant--but none are in full scale commercial operation, nor have

any of them been selected for full commercial scale plants that have been announced.

I am excluding all of these from 'ready now'" technology on the basis that no com-
panies or investors have selected any of the new processes for major new plant in-
vestments, Of those plants announced for construction in the United States, the
majority have selected the LURGI process. These plants are designed to produce
high Btu gas essentially equivalent to natural gas for augmenting the diminishing

supplies of natural gas being produced in the United States.

The Winkler and Koppers Totzek processes produce a gas from coal consisting essen-

tially of carbon monoxide and hydrogen as worthwhile and usable constituents. These
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processes minimize the production of by-products such as tars, phenols,. naptha,

etc.

The LURGI process, which operates ;at substantially higher pressures, produces in
addition to the carbon monoxide and hydrogen, a substa.ntigl amount of methane and'.
also substantial quantities of ammonia, naptha, pﬁenol, and taf:s. The amount of
methane, depending on the type of coal being used, can be as high as. 337 of tﬁe

methane, CO and hydrogen produced.

The writer and his associates were working on and trying to develop an economic
production facility for SNG from a specific Western coal. We had decided that the
LURGI technology was the best for our particular conditioms, coal feed a.nd desired
product, The particular coﬁl that we were using resulted in a 112 m§1 ratio of
methane, CO and hydrogen. We were intrigued by the CO-hydrogen ratio w’nic":h is
stoichiometrically what is r:lequired to produce methanol, and we therefore decided
to evaluate a project whicﬁ would make methanol out of the carbon monoxide‘ and
hydrogen and save the methane fo.x; our original purpoae,Aand that is, the pvroduction

of SNG for eddition to the U. S. natural gas supply.

The equipment, processing steps, etc. for cleaning up the synﬁhes'is gas produced
from coal proved to be essentially the same, whether we converted the gas to SNG

via a methanation step or whether we converted it to methanol using existing_tech-

nology. We therefore developed capital and operating cost figures for a coproduct.

plant producing SNG and methanol for comparison with our already comp]_.etéd SNG_.from
coal plant, We elected not to Me & third ;tudy, and that is the production of
methanol, only, from the syhchesis gas produced from the coal, but studies on this
subject have been made by others, and one of the papers in this session covers e;uch
a study. The reason we dj.d not conduct the third study was because we felt that

the much lower thermal efficiency going from coal to methamol would not be mﬁhére

-2-
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near as economically attractive as the coproduct plant or the straight SNG plant.

The lower Btu efficiency of a methanol from coal plant, between 45 and 50%, are

confirmed by Dr, Dennis Eastland of Dav'y Powergas in his paper at this session,

We believe that our evaluation shows that there are some substantial advantages
for the coproduction of SNG and methanol and that a very large advantage exists
if the methanol can be sold at a premium price above fuel value as it historically

hae scld and currently sells as a chemical, rather than a fuel,

This report will describe the similarities and differences between a plant to

produce SNG and a plant to produce methanol and SNG.

k %k k k %k

TECHNOLOGY

Exhibits 1 through 7 summarize technology, capital and operating cost
of a coal derived coproduct SNG/methyl fuel project compared to a coal
derived SNG project alone,

It should be pointed out at the outset that these studies do not
include capital or operating costs of developing a mine.

Exhibit No. 1, an abbreviated block flow diagram, depicts a simplified
flow configuration on a LURGI technology based coal gasification project.
This is a typical configuration and is almost identical with that in the
Wesco coal gasification filing and with much fundamental similarity in the
El Paso gasification schemes as submitted to the Federal Power Commission
(although there are some differences). The point to be made here is that
all process steps are commercially proven.

output in this case is a standard 250 M2SCFD of SNG at 987 HHV with
an input of 30,079 ST/D of Buffalo, Wyoming, coal, which is the basis of
a study conducted for Transco by Fluor. There are some 8,100 BPD of liqui&

fuel by-products as fuel oil, naptha and tars. 150 ST/D sulphur is produced,

-3 -




‘150

180 T/p ammonia and 114 T/D phenols.

Exhibit No. 2 shows a block flow diagram of how this existing study
configuration would be modified for coproduction of SNG and methanol. It
is to be remembered that the whole coal gasification process would stiil
be based essentially on LURGI coal gasification technology.

In this exhibit, the red cross hatching indicates identical battery
limits units (inside the gasification complex) compared to SNG only. The
green indicates units and systems'that would change in size--more or less,
The blue cross hatching would be units that are net additions needed to
realize the fuel coproducts.

The methanol synthesis technology for this report has been evaluated

from 1nformatioq received from Imperial chemicalAIndustries, Ltd. -(ICI),

who are licensors of a methanol process. Icg‘has reviewed the Transco concept

for the methanol yield data.

Gross coal input fd; the coprédué: mode is 33,185 ST/D, soﬁe 10% more
than the strﬁight SNG mode. The quantity of gasification féedstdcktwould'
remain the same for either mode, but the increased quantity of qoal»in
the coproduct ﬁode is required for the increased steam dnd power require-
ments,

All other by-products such as the liquid fuels, sulphur, ammonia and

'phenols,Awodld be produced in exactly the same quantity as in the'SNG

alone mode,
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Exhibit No., 3 makes a three-way thermal efficiency comparison between
the two modes. The first compare Btu's produced per day in prime fuels only.
In this case, the co-product mode produces 4.33% more than SNG alone. (Of
the total co-product, 59% is SNG and 41% is methanol).

In the second comparison, the thermal efficiency of total fuel and
process coal feed (no by-products) is considered. Here, the SNG single
product hgs an advantage of about 2,8%.

In the third comparison, the total products (except sulfur and ammonia)

"are considered. This results in a greater differential (3.79%) in favor of

SKG alone.

CAPITAL AND OPERATING COSTS

Exhibit No. 4 shows conceptual capital cost comparisons between the
two modes in the general category of process units, utility and offsite
units. Basis of the.cost data is the Fluor report, in turn, derived from
the Wesco work. Costs are taken as 1974 basis. It can be seen that the
dollar changes between the modes are miﬂimal with the greatest effect in
the addition of the methanol synthesis loop and pﬁrification. Net dollar
addition 1s $25,118 M for the co-product mode.

In the utility units, a large change is the elimination of the com-
pression step in SNG but the addition of more steam generating and water
related facilities. Net dollar addition is $15,026 M.

The offsite costs are virtually the same with the exception.of tankage
and this has been increased in the co-produc£ mode to provide two weeks'
inventory of methanol fuel. Dollar differential is $3,002 M.

Exhibit No. 5 summarizes capital cost of both modes in the three

" general categories, and shows the effects of such additives as sales tax,

initial charge of catalysts and chemicals, fees and royalties, railroad
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spur, environmental, spare parts, water supply, working capital, interest-

duiing construction and contingency. Net dollar differential after final
addition is $59,679 M.

Exhibit No, 6 on the operating cost estimate shows the comparative
cost for the first fulltyear of operation, 1974 ba;i;. AT££§'éxémbie.

shows the effect of total coal feed at 30¢/Mthu with the addition of

catalyst and chemicals, wages, overheads, maintenance supplies, ash
disposal, taxes and insurance and water supply. Credits are given in
this line-up for the values of the by-products which, as can be seen, are
the same either case.

As a matter of interest, the operating cost reflects an organiza-
tional roster of 620 people for SNG alone versus 650 people in co-product.
It should be remembered that these studies exclude mine operating
and development cos:s‘and that these are covered by the purchase price of
the coal. The subqeduent economic studies reflect ﬁhe capital costs,

operating cost and the effects of varying the coal costs.

The question has been raised as to the effects of re&ucing the ﬁo-
pioduct facility size to reduce capital dollar requirement. For this
purpose, a facility to produce an arbitrary 2,000 ST/D product methanol
with corresponding 56.67 éicfd of SNG output has been cost evaluated.

The geventh exhibit shows a resulting capital cost-size plot. In general,
reducing the produetion size from the prime study point by 637% cuts
capital co;t about 50%. The corresponding coal requirement reduces from
33,200 ST/D to 12,200 ST/D. Subsequent discussions on economics will

show the effects of size reduction on product value.

ECONOMICS

The economic analysis which is presented looks at the co-production

-6 -
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of methanol and SNG on two bases, one which assigns the same value to a
Btu fegarﬂless of the product form and the otherlwhich recognizes the real
worldihistorical pricing relationship between the cost of clean liquid
fuels and natural gas. Clean liquid fuelsvhave historically sold at a
substantial premium over natural gas. Currently, this premium is about

$1 per million Btu. Chemical methanol, which can be produced for 2

o negligible additional cost, has sold at a substantial premium above clean

liquid fuels on a contained Btu basis.

The economics show that if a clean liquid fuel or a chemical methanol_’v:

market ﬁrice can be obtained, the co-product plant can produce a greater
retufn on capital ;nvestment and requires less capital investment per
dollar of annual sales, or a lower sales price for the SKNG.

Exhibit No. 8 shows that on a combined total Btu basis, SNG alone
appears the more attiactive venture. SNG/methanol co-production requires

_ & product price of about 8% more per million Btu and costs $§0 MM more to
build. - -

Exhibit No. 9 shows what the minimum required SNG price would be at
different methanol prices to give a 20% return én equity, As an illustra-
tion, seleét a point which is near today's open market prices: - coal at
90¢/MMBtu and gas at $1.48/MMBtu. Minimum required methanol.price wole
be $6.00/MMBtu or 38.9¢/gal. Current price of methanol is 32¢/gal.

Exhibit No. 10 shows the same information in graphic form.

For the reduced size plant'discussed in the technology section; we
have also calculated the average required sales price for the.products

based on Btu content as shown below:
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. Required Sales Price - $/MMBtu
) Methanol Rate, ST/D
Coal Price - ¢/MMBtu 5420 2000
30 2,12 2.44
60 2.713 3.05
90 3.34 : 3.66.
SNG Rate - MMSCF/D 154 - 57

ECONOMICS - BASES AND ASSUMPTIONS

11.

20% DCF internal rate of return oﬂ equity.

Financing provided on a 70/30 debt/equity ratio,

Interest rate of 9% per year on all debt, both construction
and long-term.

Book depreciation done.on straight line basis.

Tax depreciation done on double declining balance with
noraalization basis.

Sinking fund payments 5% per year on a semi-annual basis.

Five-year construction period and 25-year operation period. ~

Startup 1 January 1974,

Operating and maintenance costs constant for 25-year plant life.

Coal feed assumed to be available at plant inlet at a given

purchase cost.

For combined total in Exhibit No. 8, Btu prices were apportioned

into the expected split of 59% SNG and 417 methanol.
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METHANOL MARKET - FUEL

Gasoline substitute is the greatest potential market for.fuel
grade methanol. It is so great that the largest conceivable plant would
supply less than 3% of the market. However, the introductory broblems to
this market are almost insurmountable.for the near future, except for
possibly a captive fleet (i.e., New York City taxis).

The market that would be served fir;t appears to be peaking turbine
fuel, This is the conclusion of government agencies, supported by G. E.
and Westinghouse confirmation that methanol has 7% higher efficiency and
6% more KW than fuels being used at present.

Exhibit No. 12 shows some stafistics looking ;t specific areas and
markets. Electric utility boilers not requiring conversion (gas burning)
;n_Texas and louisiana alone would consume 5,900 tons/day of methanol.
Bollers requiring conmversion (oil burning) in the same area would require
177,000 tons/day. And gas turbines would require 2,260 tons/day.

Our two large customers would consume a combined tofal of about 5,500
tons/day in their gas turbines. In yct another use, Transcé compressors
to transport one trillion CF/year would require 6,300 tons/day.

Exhibit No, 13 shows the total U. S. peaking. fuel requirement for
electric utility ga; turbines and;internal combustion engines. The daily
requirement of methanol would be 32,000 tons for gas-burning turbines and

62,800 tons for oil-burning turbines.

The 1974 electric utility consumption of all fuels for gas turbines
ugsed to generate electricity is equivalent to more than 100,000 tons per
day of methanol. Methanol has a 7% thermal efficiency advantage over the
fuels that are currently being used (natural gas, LPG's, #1 and #2 fuel

oil and JP). The increased thermal efficiency results from the higher
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mass flow through the turbine (approximately 2%) and from the_use of
vaporized methanol (approximately 5%). Liquid methanol boils at 64.65° c,
and can be vaporized with waste heat from exhaust gas that is a;: too low
a temperature for any other economic use. Methanol's advantages over
these conventional fuels for this use should priée it at a modest premium
versus these fuels,

Another type of guarantée that will be necessary for a coal/methanol/
SNG project will be some form of downside market ‘price guarantee which we
presume can only be furnished by the U. S. government. "The joint.methanol
fuel report prepared by a group of governmental agencies and bureaucracies
has recognized that such guarantees will be necessary for such a' project
to become a reality, This government report also recog-nizes‘ the need for
a’'substantial decrease in the time required for obtaining all of the gov-

ernment-required approvals,

METHANOL MARKET =~ CHEMICAL

The current United States production of methanol is gpproximl;tely
12,500 short tons per day. The existing 4chemica_1 use market is growing at
approximately 107 per year. ;rhe current supply-demand imbalance amounts ‘
to a shortage in excess of 1,000 tons per day. No new plants are under
construction., Only one plant is being designed (Celanese's Bishop, Texas
pl;mt; estimated additional production capacity: 1.,560 tons per day).
Exhibit No. 14 shows a profile of the chemical methanol market.

Essentially, all chemical methanol p'roduced in _the U. S. today’is made
from natural gas. The natural gas consumption py these plants 18 approxi-
mately 500 MMCF per day. -

Tixe ‘posted selling price for n'aetlhanol at the end of the third quarter’
of '74 was 32¢ per gallon ($5/MMBtu) FOB producing plant, b!:l.t none was

avallable at this price. The drastic downturn in the home building and

- 10 -
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automotive market (which account for over one-half of all methanol consump-
tion) has created a surplus of supply over demand. Short of a long term
recession, additional chemical production will be needed at near its
historical growth rate.

The future cost of chemical methanol calculated on a Btu value cannot
be less than the cost of 1.8 Btu of purchased natural gas plus $1.00 per
million Btu of methanol produced, For example, if natural gas is $2.00
per million Btu, the cost of methanol would be $3.60 for natural gas plus
$1.00 for plant cost for a total of $4.60 per million Btu. Most U. S.
methanol is produced from intrastate gas for which sales have been reported
as high as $2.05 per MMBtu in 1975,

For these reasons, we believe that methanol sold in the chemical
marketplace will continue to command its historic premium price over the
cost of clean liquid fuels. We believe that this premium will amount to
a minimum of $1.00 pér MMBtu. On this basis, chemical methanol price can
be expected to at least maintain its current price. We believe that the
current price of clean liquid fuels is between $2.00 and $2,50 per million
Btu,

Therefore, to the extent that methanol can be sold in the chemical
market, this will represent the highest price which can be obtained.

Because of the domestic shortage of natural gas, even in the intra-
state market, the chemical producers with whom we have had conversations
believe that chemical wethanol will be produced from coal in the United

States in the 1980's.

CONCLUSIONS

On the concept grade evaluation that has been made, we conclude that

further in-depth effort should be made:
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1. To produce feasibility grade capital and operating cost and
product cost,

2, To evaluate marketing potential for the products (SNG and
methanol), and

3. To obtain governmental encouragement and support for such a
venture by the private venture or free enterprises energy

production interests.
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161

EFFICIENCY COMPARISONS
SNG VS SNG/ieOH FROM COAL

1. PRIME END PRODUCTS ONLY

SNG/MeOH:

SNG - 153.611 M2scfD @ 987 Btu/scf
MeOH - 5420.8 T/D @ 9760 Btu/1b

151.614 M3BtuD
105.814 #3BtuD
257.428 M3BtuD

SHG_ALONE: .
246.750 M3BtuD

SNG - 250 M2scfD @ 987 Btu/scf -

COMPARISON:
. Difference = 257.428 - 246.750 = .10.678 M3BtuD Benefit from Co-Product
Or = 4.327% increase over SHG alone. .

I1. PRIME END PRODUCTS VS FUEL IHPUT

SNG/MeOH:

Feed coal of 23517 T/D @ 7618 Btu/1b
Fuel; boiler, power, SH. - 9668 T/D @ 7320 Btu/1b

358.305 M3Btu
141,540 M3Btu
499.845 M3Btu

Produces - 257.428 M3BtuD; Efficiency = 51.50%

SNG ALONE:

Y Feed coal of 23517 T/D @ 7618 Btu/1b
' Fuel; boiler, power, SH. - 6562 T/D @ 7320

358.305 M3BtuD
96.068 M3BtuD
354,373 M3BtuD

) Produces - 246.750 M3BtuD; Efficiency = 54.31%

]/  JI1. ALL END PRODUCTS VS FUEL INPUT
? SHG/MeOH:
" ) .
Feed & Fuel ‘= 499,845 M3BtuD

Products: 257.428 ¥ 49.428 306.856 M3BtuD

’4 Efficiency = 61.39%

; SNG ONLY:

N Feed & Fuel m 454.373 M3BtuD
/ Products: 246.750 + 49.428 = 296.178 WBtuD
y Efficiency = 65.184%
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CONCEPTUAL CAPITAL COST SUMMARY

Process Units
Utility Units
Offsites .
SUBTOTAL
Sales Tax @ 1.155%
Initial Charge - Catalyst & Chemical
" Fees, Royalties & Eng.
Fees, Royalties & Eng.
Railroad Spur -
-Environmental
Spare Parts
Water Supply
SUBTOTAL

. Working Capital
.Interest During Construction

Contingency

TOTAL

DOES NOT INCLUDE: 1. Construction camp
2. Product SNG pipe lines (nor $ d1fference for size differences)

(1975 Costs)

SNG_ONLY SNG/MeOH
250 M2scfD 153.61 M2scf0/5421 st/o
$ 186,631 1 $2n,749 1 '
115,815 130,84)
57,829 . 60,831
$ 360,275 M $ 403,421 M
§ 406 M $ 4,660 1
2,650 . 5,210
5,200 . 5,200
- 1,500
4,700 4,700
111,000 1,000
1,801 2,017
12,000 13,500
$ 391,787 M . $ 441,208 M
10,772 14,920
61,979 63,147
39,179 | 48,121

$ 503,717 M

" $ 563,396 M

b

3. Loadout and hand11ng for M°0H

.4. Escalation

5. Startup Costs

6. Land

7. Hine & support fac111t1es

- .
et wn. i, e

e e

..-~/. e e s



163 Exhibit 5

CONCEPTUAL COST EVALUATION
(1974 Costs)

SNG_FROM COAL VS SNG/METHANOL FROM COAL
(BASIS: FLUOR FEASIBILITY STUDY)

PROCESS UNITS SNG ONLY SNG/MeOH
Gas Production {Lurgi) - $ 65,533 M $ 65,533 M
Shift Conversion . 10,061 9,000
Gas Cooling 8,739 8,739 -
Rectisol (Gas Purification) 66,783 65,783

- Methanation . © 22,021 - 12,100
Pheénosolvan (Ammonia - Phenol separation)13,494 13,494 -
Methanol Loop - 37,100

Ethylene Conversion -— ik
TOTAL $186,631 M $211,749 M
UTILITY UNITS

12 Compression $ 5,370 § ---
Uxygen Plant 36,282 36,282
Sulfur Recovery ‘ 4,693 4,693 .
Steam Gen. & Dist. 43,009 61,000 -
Plant & Instrument Air 525 525
Demineral ized Water 3,188 4,391
Fuel Gas & N2 380 380
BFW & condensate 3,189 4,39
Ammonia Disposal : 789 789
Fly Ash Collection & Fuel Gas Trm. 16,485 16,485
Stacks & Chimney 855 855
Dust Control 1,050 1,050
TOTAL $115,815 1 $130,841 M
OFFSITES
Site Development $ 8,176 M $ 8,176 M
Coal & Fly Ash Conveying 5,744 5,744
Electrical System 16,506 16,560
Flares 2,483 - 2,483
Buildings 4,438 4,438
Fire Hater ’ 2,147 2,147
Mud Water : 25 25
Fuel 01l . 481 48]
Cooling Water 2,665 .« 2,665
Clarified Water . 834 1,150
Plant & Potable Water 1,101 1,101
Loading & Unloading 529 . 529
Holding Pond 1,420 1,420
Proc. Effluent Treat ‘8,750 .8,750
Tankage . 1,796 4,428
Sulfur Storage 734 734

TOTAL $57,829M  $ 60,831 M
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OPERATING COST SUMMARY

FIRST FULL YEAR OPERATION - MS/YR

Coal Supply
Catalyst & Chemicals

Wages & Salaries
G&A @ 25%

Maintenance Materials
Supplies

Ash Disposal

Taxes & Insurance

Water Supply

BY-PRODUCT CREDITS

Sulfur 78,110 T @ $20/T
. Crude Phenols 41,610 T @ $50/T

Naphtha 56,794 T @ $67/T
: ($9/bb1)
Tars 339,085 T @ $30/T
Fuel 0il 12,387 T @ $67/T
($9/bb1)
Ammonia 65,700 T @ $85.7/T.
NET
NOTES:

1. 164.751 MBtu/Y @ $.30/M2Btu
2. 182.444 1fBtu/yY @ $.30/M%Btu

Exhibit 6

SNG ONLY  SNG/MeOH
49,425(1)  54,733(2)
3,366 4,936
7,976 8,360
1,994 2,090
4,830 5,062
6,370 6,400
500 500
5,880 6,618
a5 501
80,756 89,200
1,562 1,562
2,081 2,081
3,805 3,805
10,173 10,173
7,527 7,527
5,629 5,620
30,777 30,777
58,461

49,979
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COST-SIZE ‘CURVE

- Co- PRODUCT SNG/METHYL FUEL - VIA COAL GASIFICATION - LURGI & ICI

Buffalo, Hyoming Coal
(Scale up factor = 0.7169)
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900 -

) : 1 Start -up costs
soo--.2.. Pipeline connections :
3. Construction camp or hous1ng R
4. Mine cost or developnent coal preparatlon

- 700-—5 Land

. 6. Escalation

8DO.

o1 Methano] Sh1pp1ng

$o

S

: CURVE 1§ CURVE 11 COSTS mu Wwe

- Offsite Units.

- Sales tax.

i]. AN Battery L1m1ts, Ut111t1es;
2 “Initial Catalyst & Chemica]s, g

!3 Prpcess Royalties & Fees.

4. RR Spur - Site Preparation.

~5.- Environmental - Spare Parts, ...

| --16. Erection, Eng., Cont., Fees.
i ..17. Water Supply & Treating. .
8 1.18. By-Product Tankage L LLLTn
! A DU SRS o ;
| R - .5. .
i . Curve 1 1nc]udes a]] costs in Curve II p]us work1ng cap1ta1
t e .- 1nterest durlng construct1on, 10% cont1ngencv
! : - Plant Capac1ty - Short Tons Methano] per Day 5A f“"“i
'?360 aooo 5066 '"“°_—1656°_“'“¥636"' .ooo‘ 066 066 5655 10
M2sefD @ [ - L 3 \
987 HHV SE, 57 BT 0T '1}s.du TS3T6
SNG i | 1 1 ) \
_ A sU 75 100 150 200 2787
G.D.McK.
8-26-74
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Exhibit 8

ECONOMICS - EQUAL PRICE/BTU BASIS

. REQUIRED SALES PRICE ($/MMBtu)
25-Year Average

SNG PRODUCTION

SNG/MeOH CO-PRODUCTION

30¢/M213tu Coal Feed 1.94
60¢/Mthu Coal Feed 2,52
90¢/M2Btu Coal Feed 3.09

SENSITIVITY FACTORS

I, 10% Capital Investment Increment =~

II. 10% Yearly Operating Cost Increment -

2.12
2.73

3.34

‘SALES PRICE INCREMENT
.16 .

SALES PRICE INCREMENT

SN s

e e Nmal

— —-

e



ASSUMED MeOH SALES PRICE-

SNG SALES PRICE AT VARIOUS MeOH SALES PRICES

167

¢/Gallon $/MMBtu
16.2 2.50
19.4 3.00
22,7 3.50
25.9 4.00
29.2 4,50
32.4 5.00 -
35.6 5.50
38.9 £ 6.00
42.1 6.50
45.4 7.00
48.6 7.50
51.8 8.00
55.1 8.50
58.3 9.00
61.6 9.50
. 64.8 10.00

*Range where co-produced SNG sales price falls below sales price
of SNG produced alone."

Exhibit 9

MINIMUM REQUIRED SNG SALE PRICE

30¢/M2Bty 60¢/M2Btu 90¢/M2Bty
Coal Feed Coal Feed Coal Feed
$/MMBtu
1.85* 2.89 3.92
1.51 '2.54* ‘ 3.58
1.16 2.19 3.22
0.81 1.84 2.88°
0.46 1.49 - 2.53
0.1 1.15 2.18
Negative 10.80 1.83
Negative 0.45 1.48
Negative 0.10 1.13
Negative Negative 0.79
Negative- Negative 0.44
Negative Negative 0.09
Negative Negative Négative
Negative Negative Negative
Negative . Negative ﬂegative
Negative Negative Negative



MINIMUM REQUIRED SKRG PRICE $/MMBtu

-1

-2

Exhibit 10
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MINIMUM REQUIRED SNG PRICE

AT VARIOUS MeOH PRICES

ASSUMED MeOH PRICE

2 3 4 5 6 7 - 8 9 . 10
' $/MMBtu .
20 . 30 40 ~ 50 60
¢/Gal.
“r ¥ ¥ T 1} T 7
60 ' 80 . 100 120 140 160 180

$/Ton

0 SO TP .
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' TOTAL U. S. PEAKING FUEL REQUIREMENT

ELECTRIC GENERATING UTILITY INDUSTRY

GAS TURBINES & INTERNAL COMBUST ION ENGINﬁS

Fuel Consumption |- " Methanol
Type of Fuel April 1974 (FPC) Equivalent
Gas 624,500 Mc£/D 32,000 T/D
Fuel 0il (Distillate) 210,540 Bbls/D 62,800 T/D
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THE FISCEER—TROPSCH PROCESS: GASOLINE FROM COAL
A. J. Forney, W. P. Haynes, J. J. Elliott and M, F. Zarochak

Pittsburgh Energy Research Center
Energy Research and Development Administration
4800 Forbes Avenue
Pittsburgh, Pennsylvania 15213

INTRODUCTION

The Federal Bureau of Mines was engaged from 1944 to about 1969 in a research
and development program on the synthesis of gasoline and other Fischer Tropsch pro-
ducts from coal, The actual Fischer Tropsch reactor designs and catalyst work was
done at Bruceton in what is now the Pittsburgh Energy Research Center of the U. S.
Energy Research and Development Administration.

Historically the work was covered extensively by Storch, (1) This paper will
cover the work done at Bruceton in the 1944-1969 period and the development of the
various reactors and catalysts plus the present work.

OIL CIRCULATION PROCESS

The oil-circulation process was developed at Bruceton for synthesizing 1liquid
fuels by the Fischer-Tropsch reaction. (2)(3) Carbon monoxide and hydrogen react over
an iron catalyst to produce a product that is essentially hydrocarbons ranging from
methane to high molecular weight wax., PRemoval of the heat of reaction (50,000 Btu/
gallon of liquid product) is achieved by sensible heating of a recycle oil that com-
pletely covers the catalyst.

Although granular fused iron oxide (synthetic ammonia catalysts) used as a fixed-bed.
was active as a catalyst, gradual cementation of the particles together caused increased
pressure drop. This problem was alleviated by operating with an expanded bed.(4) Because
attrition caused gradual disintegration of the catalyst catalysts with an inert core of
iron and an external coating of catalytically active iron were developed such as oxidized
ironshot, These experiments finally led to the development of lathe-turnings catalyst.
This catalyst was used in a fixed-bed and showed no attrition problem, and the large void
volume eliminated the problem of cementation. Table 1 shows data taken from this type
of operation.

HOT GAS RECYCLE

The 0il circulation system was limited in temperature and the hourly space velocity
(SVH). The temperature could not be raised above 300° C without cracking and wolati-
lizing the oil. The SVH could not be raised much above 800 without lowering the gas
conversion. To overcome these problems, we turned to the hot-gas-recycle process.(S)
This process uses a fixed bed of catalyst (lathe-turnings), through which large volumes
of recycle gas are circulated to remove the heat of reaction as sensible heat. The
lathe~turnings incurred a low pressure drop (about one psi/ft of bed height). Table 2
shows the results of several tests and shows the effects of some process.variables on
product distribution.

The parallel plate type catalyst was developed as a variant of the lathe-turning
catalyst used in the hot-gas-recycle work, The pressure drop across this catalyst was
significantly lower than that of the lathe-turning catalyst.(6)

By acceptance of this article, the publisher and/or recipient acknowledges the U. S.
Government's right to retain a nonexclusive, royalty-free license in and to any copy-
right covering this paper.




TABLE 1. - szical_eiperimental conditions and hyﬁrocarbon yields in exper-

iment 37 using steel lathe-turning catalyst in the oil-cireculation

process

Test period:

14

15

16

Catalyst ag80...eesessesecesesascsaseohl
Hourly space velocity of

fresh gas.........................hr
Space weight velocity,

Ft3(STP)/hrelb Feuverrereronracannnnns
Maximum presSSuUr€....eeueseeceeecssssq psig
Pressure d1fferent1al...............psl
Maximum temperature......cioseeesees. C
Temperature differential............’ C
Recycle-to-fresh gas ratic.....eeveeca.
CO, scrubbing....cvcevneeuinniinaiine.,
Synthe51s gas Tatil..everaveea.. Hy:CO
Usage ratio........eoveuvnnes.... HyiCO
CO,-free contraction.....volume-percent
H, conversion.......cevvveeese.doa.esn.,
H2+CO conversion....cveeeveoeeedOussn..
CO cOnversion....c.civeeeveeeseed0ounens,
Ft3 H,y+CO converted/1b Fe..e..vvensns..
Yields, g/m3 Hy+CO converted:

Cleveenasantsseosenssscoosssasnansans
C2=..........-o--.-...-..............
Corvevnenonseasscacnnosasnssssanvsnes
L3 nenuaerisnasnssososnssssnssnnceos
Gl it tnevnvtvnososannsasonensonunons
Clrvreneroniserenasesenssacsoncananas
5 . enenvatonsoesnssssnscassssnnsnnas
Cgrereiesacinenseconocsacosacnnncanas
Cs“..........--..........-..........-
g eereraceniivsoeennsscseassosrasnans
Light 0il.v.eeinerenereaoanencncannns
Heavy 0il...iveieiinnencnnennnncnnnnes
AQUEOUS 1ayer....cceuveencscscasassans
Product recoveries, 1b/day:
€204°% C.vuvrvnrnnsscanoasannsenonnnns
204-316° Ciiivennnennescnanenannnanes
316-450° C.iivrreereocosannncnnnnnnnes

2450° Cuovervinncannnonesnnnancnsnannns
Product distribution, weight-percent:
€204° C.vivivevennsonesnscassasacanns

204-316% Cuvvvvannrnnconennncnnonnnns
316-450° C.vvevrnnnnnsensnceaneacenns
2450° Covvirrnnenonareoasacsnacacanns
Relative catalyst activityz............
Recovery........c........Wweight-percent

1,503-1,527
700

8.74
310
10
290

7

2:1
Yes
1.018
0.849

(=

(=

. .

()} Ll
NN AW WWWIN B WO
. . .
VO~ O_NRJOENO

o3

18.24

Ll
« o
0 -
N -

0,97
72.3
16.3
7.6
3.8
87
100.2

1,551-1,671
601

7.51
312
10
290

6

2:1
Yes
1.014
0.869
63.6
63.1

N

.

—

_
NI

CRNFE~BNNOR®ROO RO
Ntotouu#oo'#tow#-—-ow

= on

1,671-1,791
600

7.51
313
10
290
6

2:1
Yes
1.025
0.855
57.8
56.8
62.3
68.0
4.68

N

—_ e
.

(=3 [y
BNRNANWROOLOL A
“ e . DA .
MO B Y RNV EONN WS

o)

1None detected.

2Anderson, R. B., and others, Ind, and Eng. Chem., v. 44,

1952, pp. 391-397.
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In this system catalysts are flame sprayed onto plates which then are assembled
into parallel plate modules (figure 1) and stacked in the reactor., Originally a
coating of synthetic ammonia catalyst (SAC) was used, but the most recent work used
Alan Wood magnetite (AWM) impregnated with K,COz.(7) Table 3 shows data from this
work (Ex. 34) plus an experiment using the sic (Ex, 33). Note the 2000 SVH achieved
in the latest experiment and the greater proportion of gasoline-range hydrocarbons,
This SVH is an economical feed rate considering the number of reactors necessary for
a commercial plant.

SLURRY EXPERIMENTS

At the same time that the oil circulation system was being developed considerable
work was proceeding on o0il slurry operations.(8) In the slurry process, a finely divided
fused iron catalyst (less than 5 microns) is kept in suspension in an oil (parafin oil--
b.p. less than 384° C) by the agitation of synthesis gas rising through the slurry. /
In some of the experiments a new type catalyst, a nitrided iron catalyst, was used to ;
attempt to maximize the yield of oxygenates, especially alcohols, Table 4 shows such data
comparing the results of a test of the nitrided with the fused iron catalyst.

FLUIDIZED-BED TESTS

A series of tests were performed in a fluidized-bed also using a nitrided, fused
iron catalyst.(9) The reactor was a l-inch ss pipe, 6 feet long, enclosed in a 3-inch
heat exchanger jacket. About 78 percent of the 1H;:1CO fresh feed was converted when
the unit was operated at a SVH of 750, a 8:1 recycle-to-fresh feed gas ratio, a 300 psig
pressure and a temperature of 252° C. About 33 percent of the total hydrocarbons made
were oxygenates,

PRESENT WORK

Our present work in F,T., synthesis is based on the hypothesis that, because of
the great change in the energy picture in the U. S., variations of the Fischer-Tropsch
reaction may be economically viable. Cost studies (10) indicate that a modified
SYNTHANE (11) coal-to-gas system where a Fischer-Tropsch reactor is substituted for
the the methenation reactor and the Hp/CO ratio of the raw SYNTHANE gas is utilized,
will yield a combination of substitute natural gas and light oil at minimum cost.

> -

—

While the aim of the program at PERC is to use the Hot-Gas-Recycle pilot plant
(with catalyst sprayed on parallel plates), the first experiment is being dome in
@ bench-scale tube-wall reactor system. Figure 2 shows this reactor system and \
figure 3 a photo of an actual sprayed section.

The tube was a 3/4-inch stainless steel tube flame sprayed with a 0.020-inch !
coating of AWM; the coating was six inches in length, The magnetite was reduced with \
Hy at 400° C. Then synthesis gas (SHZ + 1C0) was introduced. Conditions of operation
were: 1000 psig pressure and 310-315" C; flow rate was 4.37 scfh, equivalent to 1640 SVH
(based on the annulus volume), or 30 scfh per sq. ft. of catalyst area, a more meaningful
term for this type of operation., The heat of reaction was removed from the catalyst sur- \
face by boiling Dowtherm on the inside of the tube. Results of the first test are shown
in table S5 where we operated at 300, 650 and 1000 psig. ’

Table 5 shows an increase in the C;-C4 alcohols with increasing pressure. The yield of
hydrocarbong was low, as expected, because of the increased throughput (as given as scfh .
feed gas/ft? catalyst area)., This also favored the formation of lighter hydrocarbons as \\
shown in the wt-pct of the various hydrocarbon streams, !

Planned tests include tests with Raney Iron before changing the Hy/CO ratio in the feed d
gas. .
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TABLE 3. - Hot-gas recycle synthesis results with flame—sprayed

catalyst—coated plate assemblies

Exp. No. Exp. No.
HGR 33 HGR " 34

Fresh gas space velocity, vol/vol hr........ 600 1000 1000 2000
Total recycle in fresh feed, vol/vol........ 52 15.9 20.4 14.4
Reactor pressure, Psig...ceceevsroniecnss ... 400 400 400 400
Catalyst temperature, °C

Average....... Veeersaes e iieenas eeaee 269 325 320 325

Differential......vevevueacnne eeene . 20 50 40 50
Hy conversion, pet...ceevveeceninennnrannnss 73.4  90.9 90.1 83
CO conversion, pct.....c... eeesaseass ceeen. 80.6  98.8 98.2 94.4
H,+CO conversion, pct..eevesieaieanes Ceerean 76.4 94.4 93.4 87.5
Overall weight balance, pct.......ccovuunnns 93.6 90.8 87.8 96.6
Hydrocarbons recovered, 1b/1000 SCF fresh

835 ..0cisnrinnnans Cisseeseriesatossrunesenas 7.4 9.5 10.3 11.6

Hydrocarbons recovered, wt-pct

R R R TR ceeresesssss 59,7 36.5 33.9  29.5

[0 N cesseseveeaeatesarn e vees 6.6 14,1 13.3  12.8

Gasoline (C3™ <240° C.vvvvrevnenennnnns 31.8 43.7 48.5 53.0

Diesel oil (204°-316°C)......... ceeeaes 1.9 5.0 4.0 3.8

Fuel 0il (316°-450° C).ivvvreneoanrannns 0 0.4 0.2 0.5

Wax (>450° Q)..... Cereaeeaan [ N 0 0.3 0.1 0.4

TABLE 4. - Slurry Test Data

Experiment NOo....ovvun.. A, LP-99
Catalyst..eieeeenesenocronncnnncnas Fused Iron
Space Velocity,sefh/££3 volume..... 300
Temperature. . vovevevesurseesnonssss  255°C
Hy+C0 Conversion,pctecciossreecan. . 69.7
Usage RatiO.....evvueunnnn e nreas 1.02
Yield gm/m3 (H,+CO) Converted:
C1-Conrriinenenennnnennens 20.0
Gas Cy-Couvrnvennnnnnnnnnns 39.2
Light 0il..eeueinnienneennenn. 78.8
Heavy Oil....civvuiieniennnnns 47.3
Aqueous Layer.......... SRR 90.5
Yield C3*..civvvenrnnnnnn. veen 165.3
OXygenates...o.ceuivnesennenn, 6.9

Infrared Analysis of
Light 0il, wt-pct:
fhtheieceseceenitstanreannan 2.1
COOH, COO, €COivvvnrnnnnnen ees 1.2
L0 10.21
Aqueous Product:
Oxygenated Compounds:
(KFR) wt-pct.....ovvvnnnn . 4.3

LP-66

Nitrided Fused Iron
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TABLE 5. - Results of bench-scale F.T. test compared to HGR-34

Experiment Number HGR~-34

FT-TW-1
-
Fresh X‘_ol. gas, ft3/hr
resh gas wr catalyst surface 8.85 17.7 30 30 30
H,/CO ratio in feed gas ' 1.4/1  1.41 3in 31 3/1
Reactor pressure, psig 400 400 300 650 1,000

Catalyst temp. average °F/°C 608/320

617/325 615.2/324

602.6/317 609.9/318

H2 Conversion, percent ) 90.1 83 40.32 43,67 45,12
CO Conversion, percent 98.2 94.4 78.30 78.46 76.21
HZ + CO Convers_ion, percent 93.4 87.5 49.38 52.02 52.70
Heating value tail gas Btu/ft3
Vith <o, 930 785 383 408 418
Without (102 1,000 852 419 447 453
Overall weight balance, percent 87.8 96.6 93.96 97.05 95.72
Hydrocarbons recovered 1b/1000
scf fresh gasl/ 10.3 11.6 4.148 5.139 5.714
Theoretical hydrocarbons,
g/m3(l-12 + co)‘ conversion 190.28 197.0 188.65 184.13 166.98
Recovery, percent ’ 119.53 97.39 71.33 82.76 108.09
Hydrocarbon recovered, wt-pct.
Cl + C2 38.00 32.71 71.26 67.01 69.56
C3 13.58 12.07 17.70 19.92 11.75
Gasoline (C; + <204°C)y 48.11 50.01 9.18 12.14 18,32
Diesel Fuel (204° C- 316°C) 4.46 4.27 1.60 .83 .32
Fuel 011 (316°C-450°C) .18 .52 .25 .10 .06
Wax (>450° C) .11 .42 0.0 0.00 0.00
3 Period
Aqueous layer, grams/m (l-l2 + CO) Conv. 1st 2nd  1lst  2nd 1st 2nd
¢,-c, 04 4.34 6.11 3.16 4.34 7.70 17.14 30.34 42.33
Other oxygenates .32 .36 .19 .13 .13 .18 0.0 0.0
HZO _ 97.54 108.32 126.7 124.9 140.6 135.2 125.6 113.7
Percent CO in tail gas 4.21 9.67 8.0 8.3

8.09

1/Includes alcohols and oxygenates.
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CONCLUSION

We believe more work in the area of the Fischer-Tropsch reaction is needed. The
process is very flexible; most any desired product can be obtained by selected reactor
type, catalyst, operating temperature and synthesis gas ratio. Operating conditions
can be easily changed to maximize the yield of product most in demand at any given time.
Our work will continue to stress primarily the gasoline yield but oxygenates could be a
desired byproduct.
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COAL GASIFICATION AT THE BELLE WORKS 2

A. McGeorge and R. V. GCreen

E. |. du Pont de Nemours & Company Incorporated
Industrial Chemicals Department
Wilmington, Delaware 19898

EARLY YEARS AND PROCESS DEVELOPMENT

In August 1924, Slack's Farm in Belle, West Virginia was chosen as the
site for an ammonia plant to be operated by L'Azote Inc., a subsidiary of
E. |. du Pont de Nemours Inc. The site was selected because of the avail~
ability of bituminous coal from the West Virginia and Pennsylvania fields.
Plant operations began in April 1926 when synthetic ammonia was produced by
the Claude process at a thousand atmospheres. Coal was gasified with steam
producing "Blue Cas" as shown in Equation 1. The actual "Blue Gas" contained
in addition to CO and H, smail amounts of CO;, Ny, methane and sulfur com-
pounds. The "Blue Gas" was liquefied and purified to yield hydrogen, which was
burned with air to obtain a mixed gas for ammonia synthesis.

C + HO CO + Hy 1}

Because of difficulties associated with coal caking during gasification, the
process was modified in 1930 to make coke and then gasify the coke. A battery
of 46 coke ovens was installed and coke was gasified with steam and air in cyclic
gas generators producing "Blue Gas and "Blow Run Cas." [n addition, coke oven
gas was processed to recover coal tar byproducts; methane and carbon monoxide
were removed by liquefaction; and hydrogen was recovered. The methane, carbon
monoxide stream was returned as fuel to the coke ovens. At about the same time
commercial methano! synthesis was begun at Belle with the "Blue Gas" being used
mainly for methanol and carbon monoxide manufacture while the "Blow Run GCas,"
which contained nitrogen, was used for ammonia synthesis. During the 1930's
and '40's, production was begun on a number of other products based on carbon
monoxide, hydrogen, methanol and ammonia. Among these were nylon inter-
mediates, methyl methacrylate, urea and ethylene glycol.

In 1948, the gasification of coke with steam and oxygen on a continuous
basis was started in three of the cyclic generator sets.” Elimination of nitrogen
made it possible to produce "Blue Gas" continuously. Meanwhile, information
about German work on partial oxidation of coal to produce carbon monoxide and
hydrogen for Fischer-Tropsch synthesis helped to stimulate laboratory work on
partial oxidation processes leading to a semi-works scale unit at Belle which
operated in 1948-49. A view of this unit is shown in Figure |. It was an
entrained feed, atmospheric pressure process which ran a total of 1200 hours
with the two longest runs being of 65 and 66 hours duration. [t used 120 tons
of several coals and consumed 111 tons of oxygen during its operation.

Growing out of the semi-works experience, a pilot plant was designed and
started in 1950, see Figure ll. Operation of the pilot plant was successful in
demonstrating the gencral feasibility of the coal partial combustion process in
targer scale equipment. Satisfactory gas production rates and coal, oxygen,
and steam consumption rates were achieved indicating substantial economies over
coke gasification. Further process improvement was needed in slag removal and
increased gas yield by reduction of ungasified carbon.

A similar program was followed by Babcock & Wilcox a{wci resulted in a
pilot unit at the Bureau of Mines' station at Morgantown, WV V. The
Babcock €& Wilcox gasifier also used steam to entrain the pulverized coal but
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was designed for up-flow in the generator. 1n October 1951 a Babcock & Wilcox
designed generator was installed and operated in the Belle pilot plant. The
experience gained from the total pilot plant operation led to a collaboration
between Babcock & Wilcox and Du Pont in the design and installation of a
commercial scale coal partial oxidation unit at Belle in 1955.

COMMERCIAL SCALE OPERATION
Process Description

The coal partial combustion process is based upon the gasification of
pulverized coal in suspension with oxygen and steam. Gasification takes place
by several reactions which occur simultaneously. The heats of reaction are given
at 2200°F, although the reaction zone temperature was approximately 500 F higher.

C + O2 —_— CO2 - 170,000 Btu/Ib. mole 2)
C+1/2 02-—-) co - 49,500 Btu/Ib. mole 3)
C + H20'——) CO + H2 + 58,000 Btu/lb. mole 4)
CO + H20 —)CO2 + H2 - 13,000 Btu/ib. mole 5)

As coal entered the generator mixed with steam and oxygen it rapidly
devolatilized and reacted to produce CO;, CO and Hj. These products of
combustion and gasification then reached equilibrium with respect to the shift
reaction, Equation 5.

At the high generator temperature the ash in the coal melted and was
deposited in the generator base ‘where it drained from the reaction zone. Some
small particles of ash were carried along with the main gas stream and passed
out of the reaction zone along with the ungasified carbon. The molten slag from
the bottom of the generator fell into a pool of water where it fractured and was
removed by a lock hopper and slag pump.

The residence time of the gas in the reaction zone was approximately 1.4
seconds. Residence time for fine coal particles was probably about the same,
although for the larger particles the time would be greater since they would tend
to fall back to the bottom.

From the reaction zone the gases passed through a heat removal zone where
465 psig steam was produced, the boiler feed water being preheated in an
economizer. Ash and ungasified carbon were removed by water washing using
orifice and plate scrubbers. This wash water was sent to a clarifier before being
discharged. The sludge was pumped away and used as fill along with boiler
fly ash. '

In the generator there was approximately 1 mole of water for every 3 moles
of product gas. Sulfur in the coal was converted predominantly to hydrogen

. sulfide; a typical H,S concentration was 0.2%.

Equipment Description
Coal Feeding

From a silo, crushed coal was weighed and discharged into a hopper. A
screw conveyor to control the feed rate discharged into a star seal which was
blanketed by CO,. A second screw conveyor carried the coal into a steam jet
pulverizer wheré it was pulverized to 90% through a 325-mesh screen with
145 psig steam. Oversized particles from the pulverizer were removed by a
spinner classifier. Pressure at this point was 125 inches of water. Coal was
conveyed by stcam from the pulverizer to the generator.
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Just before the generator, 95% oxygen at 250 inches of water pressure was
added to the coal-stcam stream. Velocities and distribution of the pulverized coal
in the steam-oxygen gas mixture were critical to avoid flashback from the
generator to the point of oxygen addition. Figure 1l illustrates the coal pulverizer
feeder and its operation.

Generator

The generator itself was a refractory lined vessel with the gasification zone
30 feet high by 11.4 feet i.d. The refractory lining consisted of a 9-inch thick
15-foot high cast alumina section backed up by two layers of insulating brick,
one 9 inches. thick and the other 4-1/2 inches thick. This refractory construction
was inside a water tube wall which was part of the steam boiler. There was a
. containment shell outside of this wall, see Figure IV. The water tubes supported
the refractories from the bottom and the entire generator was suspended from
overhead beams; as it expanded it elongated downward. There were two 16-inch
downcomers to.circulate water through the tubes to the boiler on top. The
generator floor was made by bending every other water tube inward toward the
slag tap hole which was above the floor so a 9-inch pool of slag existed in the
generator. The hole was formed by a pipe coil in a cone shape to give an
8-1/2-inch opening.

Ports were provided for temperature measurements near the burners and at
numerous other points. Thermocouples were imbedded in the refractories. There
were four w%ter cooled coal burners, so arranged that two could operate at a time,
but only 180 apart. These were directed downward toward the slag top opening
to assist in keeping the ash molten. Velocity through the burners was 125 ft./sec.

Boiler

Gases leaving the reaction zone passed first through slag screen tubes, and
then over the superheater tubes before passing over the boiler tubes. Soot blowers
were positioned in the superheater and boiler tube sections to remove ash
accumulations. Steam was generated at 465 psig and superheated to 780°F for use
in turbines.

Gas Scrubbers

Following the boiler tubes, the gas passed through the economizer and then
through an orifice scrubber, a wet cyclone, and a washer cooler before going to
the gas holder. The wash water from these operations was sent to a large clarifier
which was 10 feet deep and 50 feet in diameter. Sludge was removed from the
bottom and clear water was drawn off from the top through a sludge blanket which
was formed by lighter particles.

Design Basis

Specificétions for gas generation were based on the data in -Table {.




- PN R

TN

R s T Vg

-

— ™

S~

[P

185

TABLE |
DESIGN BASIS
Coal Analysis Carbon 78.3%
Hydrogen 5.4
-Oxygen 9.3
Sulfur 0.8
Nitrogen 1.6
Ash . 4.6
Ash Fusion Temperature 2400° - 2u50°F
Steam to Coal Ratio 0.8 Ib./lb.
100% Oxygen to Dry Coal Ratio 9.2 cf/Ib.
Generator Temperature: 2700°F

Generator Pressure:

Steam Generation:

Coal Feed Rate:

Oxygen:

Product Gas: co
H)
CO,
CH
Illu‘#ninants
H,S
0y
No+A

Production Rate:

Process Performance

75 inches of wateé‘

54,000 pph @ 780°F

30,700 pph

95% Oxygen, 5% Argon & Nitrogen
40.4% (Mole % Dry Basis)

Performance of the unit compared to that projected from pilot plant data was

essentially as predicted.

TABLE 11

This is shown in Table II.

PROCESS PERFORMANCE

item

Feed

cf of 100% oxygen/lb. carbon
Ib. steam/lb. carbon
cf 100% oxygen/lb. dry coal
Ib. steam/lb. dry coal
coal rate pph

Product
6. dry coal/Mcf (CO + H2)
cf 100% oxygen/Mcf (CO + H2)
% carbon gasified
dust leakage (grains/100 cf)
gas analysis (dry basis)
(ofe]

H
C62

Pro"! ected Performance
12.1 12.2
1.0 1.0
9.6 9.9
0.79 0.81
30,700 30,000
33.8 32.2
325 324
90.3 94.8
5 3
40.4% ur.0%
40.4 38.0
16.0 16.5
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Operating Utility

Operating utility of the unit was hampered by several mechanical difficultics.

Beginning with the flow of materials through the unit, operation was interrupted by:

Tramp material in the coal. .
Pulverized coal classifier shaft failure.
Flashbacks of oxygen into burner.
Refractory failures.

Carbon and ash deposits in boiler.
Superheater and boiler tube failures.
Economizer tube failures.

Stack valve expansion.

Figure V shows some of the refractory failure and Figure VI gives the overall
picture of operating utility from startup in May of 1955 to August of 1956 when the
unit was shut down and converted to partial combustion of natural gas. Actual
operation of the commercial unit over this period totaled about 5,300 hours.out of
11,250 hours or 47% of the time.- Figure VIi gives an impression of the size of
this unit.

Literature Cited _
(1))  P. R. Grossman and R. W. Curtis, "Pulverized-Coal!-Fired Gasifier

for Production of Carbon Monoxide and-Hydrogen." Trans. ASMA
Paper No. 53-A-49. ’
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No. 3 Coal Burner showing refractory fall-out
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METHANOL FROM COAL

Dennis H. Eastland
Davy Powergas Inc.
Houston, Texas

METHANOL FROM COAL
INTRODUCTION

Destructive distillation of wood originally provided the source of methanol
alcohol. Other developments in the wood industry, namely plywood, for which
nearly 40% of the production of methanol finds its way with forms of formalde-
hyde and associated resins have promoted its use and applications.

U.S. annual production in 1973 was close to one billion gallons or the
equivalent of a 10,000 tons per day plant. The corresponding world production was
25,000 tons per day. By reason of its price and availability in recent years,
natural gas was the preferred feedstock.

Some of the properties of methanol are given in Table 1.

Table 1 Properties and Other Data on Methanol

Composition CH,0H
Appearance Clear, colorless
Density 792

Vapor Density 1.11

Boiling Point 143°F

Flush Point 52°F

Ignition Temperature 300°F
Explosive Limits (air) Lower 6.0%

Upper 36.5%
Calorific Values HHV BTU BTU BTU

per Ib. per gal. per bbl.
Fuel Grade Methanol 9,760 64,771  2.72 million
No. 2 Fuel Oil 19,000 135,000 5.77 million

Western Coal-dry basis 10,345
Conversion Factors:

I Ton = 301.7 gal. = 19.5MM BTU
$30.28 per ton - 10 c/gal. = 1.54 $/MM BTU

Recent developments have brought about a situation that gaseous feed-
stocks no longer prevail as a readily available raw material and alternative
sources must be considered for the production of synthesis gas, coal being a
strong contender. 1

The extent of the coal reserves has been compared by Linden™ with other
sources of energy and represents a substantial percentage of the recoverable
fossil fuel reserves in the U.S.
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Table 11 U.S. Fossil Fuel Reserves

Proven & Currently Estimated Total
Recoverable Remaining Recoverable
Natural Gas 0.3Q 1.5Q
Natural Gas Liquids 0.1Q
Crude Oil 0.2Q 2.2Q
Shale 0.4 Q 6.0Q
Coal 4.3Q 28.9Q
Total 5.2 i 38.7
Q= 10'® BTU

In items of heating value, coal represents 75 to 80 percent of these
resources. At the current rate of consumption, 650 million tons per annum, these
coal reserves can last well into the next century.

In comparison, a 5000 ton per day fuel grade methanol plant would con-
sume about 4 million tons per annum of coal and give a daily output of about the
equivalent of 90-95 MMSCFD of natural gas.

The applications of fuel grade methanol as alternate fuels have been
reported extensively in the literature. Rec?nt interest as a feed for gas turbines
has been reported by Power & Marine®™ Systems a subsidiary of United
Technologies Corporation with tests at the St. Petersburg installation of Florida
Power Corporation.

METHANOL FROM COAL

Historical Background

The price and availability of natural gas led to the early introduction in
the U.S. of this material as a feedstock for the production of synthetic methanol.
The conversion of the 30 ton per day plant in Peorja in 1932 to a methanol-from-
natural gas unit was the forerunner of the industries transformation leading to
plants up to the 2,000 tons per day range which have been in successful operation
over the last few years.

Prior to the advent of natural gas, solid fuels had been the main sources of
the raw material for the production of synthesis gas. In areas such as Europe,
Asia and S. Africa where natural gas was not available, coal became established
as the backbone of the ammonia and methanol industries and where suitable
economics prevail these plants continue to operate. Recently a plant was com-
missioned in Modderfontein which manufactured both ammonia and methanol
from coal. Hence, the technology is still available and can be readily updated to

.
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suit U.S. conditions. Present designs incorporate the improvements which have
evolved since the early 1920's when the plants first came into operations with
high pressure synthesis processes.

The last unit to employ coal as a raw material for methanol synthesis in
the U.S. was started up in Belle, W. Virginia using a B & W/DuPont oxygen blown
gasifier and operated for about 15 months, gasifying approximately 400 T/D of
coal to produce 24 MMSCFD of synthesis gas; about 1/3 of the output required
for the 285 ton/day high pressure methanol facility that was in operation on that
site.

Other installations that manufactured methanol from coal were located in
Billingham Heysham and Dowlais in the United Kingdom (cyclic water-gas
gassification with H.P. methanol). Leuna in E, Germany (Winkler gassification
with H.P. methanol and Mayengibe Paris, France (Koppers-Totzek.

Methanol Synthesis

The growth of the synthetic methanol business from one million gallons
per annum in 1927 to 80 millionzgallons per annum in 1947 has been described by
Kastens, Dudley and Troeltzsch™.

Recent interest in methanol as an alternate fuel has resulted in a number
of conferences papers. A critical analysis of these latest developments was
given by McGhee™ at the Engineering Foundation Conference in New Hampshire
in July 1974. Whilst emphasizing the reduction in energy requirements from 4 to
2BTU per BTU of methanol, his paper contains a useful bibliography on the new
low pressure 50/100 atm process, as compared to the high pressure up to
1,000 atm processes.

The amount of natural gas being flared was mentioned by Harrison5 ina
recent symposium on synthetic fuels. This gas could be utilized as part of a
concept of transporting energy in the form of fuel grade methanol as opposed to
LNG and it has been demonstrated that designs of units of 5,000 tons per day
capacity are perfectly feasible and incorporate features of plants already in
existence. In addition, checks with equipment suppliers indicate that such items
as the methanol converter can be manufactured in the sizes required for a jumbo
methanol unit.

Schemes have been proposed for up to 25,000 tons per day of methanol
(corresponding to 480 billion BTU/day of product). These should be compared
with the coal to SNG projects based on western coals which have normal capaci-
ties of 250 billion BTU/day of pipeline quality ‘gas.at 1,000 psi.

Later in this paper we will touch briefly on the economics of these large
size units and the change in emphasis in capital investment which is about 20%
for methanol synthesis in a coal based unit compared with about 40% in a gas

‘based unit.



194

Coal Gasification

Early gasification processes date back to the last century; for example in
1883 Ludwig Mond designed a producer gas unit employing air as the gasifying
medium for 200 tons/day of coal. This type of unit became the forerunner for
the semi-water gas plant designed to produce synthesis gas at low pressure to
feed the Haber process for ammonia which went into operation in Germany at
Oppau in 1913. Synthetic methanol was first produced on the industrial scale by
BASF in Germany in 1923. Coke from gas ovens often was the most popular
feedstock for these cyclic plants of which well over 1,000 units were put in
operation.

Gasification of inferior fuels such as brown coals and lignite developed
with the invention of the fluidized bed Winkler process in 1926 which also had the
advantage of being a continuous process. To date, there have been built 36 units
in 16 plants around the world.

Some of the disadvantages of gas compression from atmospheric pressure
was overcome by the development between 1933/36 of the Lurgi process. This is
somewhat offset by the high methane content of the gas produced as well as the
need for extra equipment to deal with naphthas, tars and phenols which appear as
by-products. To date, about 63 units in 13 plants have been put into operation
and there has been considerable interest in the pilot plant work carried out on
the Lurgi plant in Westfield Scotland to methanate the gas to produce SNG.

Where oxygen and steam are used as the gasification medium, the
Koppers-Totzek process can handle most types of coal in the entrained fuel
gasif&er which requires pulverized fuel. The higher temperature of gasification,
2200°F, results in no heavy hydrocarbon being carried forward, and the gas, after
purification, can be utilized for production of methanol or ammonia. Fifty-two
units of this type have been reported in 20 plants worldwide.

Although there are many other processes in different stages of develop-
ment, it can be seen that coal gasification is not a new and untried field of
operation and indeed as recently as 1955 has been used for the production of
synthesis gas in the U.S.

To prepare the raw gas from the gasification section for methanol syn-
thesis requires several additional processing steps, namely:

1. compression
2. shift conversion
3. acid gas removal

all of which have been in commercial operation for many years. Each of these
processing steps can be found in any modern day ammonia or methanol plant,
regardless of the feedstock being processed.
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The exact combination of process steps to convert coal to methanol will
vary depending upon the gasification scheme selected and the economics of by-
product production. Figures 1, 2, 3 and 4 present four possible alternatives.

As a typical example, the following (see Figure 5) is a more detailed
description of a methanol from coal facility based on the Winkler gasification
technology available from Davy Powergas:

Winkler Coal Gasification

Coal Preparation. The run-of-mine coal from storage pile is conveyed to
the crushers where the coal is crushed to a particle size of 3/8" x 0. If predrying
of the coal is required, fluid bed dryers may be utilized to reduce the moisture
level to that required. In the dryer, hot air, heated by the combustion of coal, is
used to fluidize the coal and supply the heat necessary for drying. Most of the
dried coal is removed directly from the fluid bed. However, a portion is
entrained in the hot gases leaving the dryer. A cyclone recovers most of the
entrained coal, and it is returned to the dryer product coal and conveyed to the
gasification section. The hot gases from cyclone are scrubbed with water for
particulate matter removal before venting to atmosphere.

Coal Gasification. The coal feed is conveyed to the gasifier through lock
hoppers and screw conveyors. The gasifier is maintained as a fluidized bed
operation under moderate pressure. A mixture of steam and oxygen is injected
at several points within the bed to gasify the coal while steam alone is injected
into the bottom most level to fluidize the coal and to cool the larger ash par-
ticles discharging from the gasifier bottom. The high bed temperatures,
typically 1700-2200°F, are obtained by the partial combustion of the coal's
carbon and contained hydrocarbons. Due to the relatively high temperature of
gasification, the tars, gaseous hydrocarbons and carbon present in the coal are
converted to carbon monoxide, hydrogen, and carbon dioxide. Only a small
percentage of methane remains in the raw product.

The primary coal gasification reactions are:

C+0,=C0 (exothermic)
C+ 0.250 = %)0 (exothermic)
C +C0,=2C0 (endothermic)
C+HB=CO+H (endothermic)
C + 28,0 = C0, +2H, (endothermic)

At a constant coal feed rate to the Winkler generator, the ratio of oxygen
and steam to coal is controlled to maintain the desired bed temperature.
Optimum bed temperature is a compromise between product gas calorific value,
carbon efficiency and overall thermal efficiency, but is limited by the ash
softening temperature. If the ash softening temperature is exceeded, the ash
may fuse and agglomerate, thus upsetting the fluidization characteristics of the
bed and possibly plugging the reactor.
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As a result of the fluidication, the particles of ash and their contained
carbon are segregated according to size and specific gravity, i.e., the heavier
particles fall down through the fluidized bed and pass into the ash discharge unit
at the bottom of the generator while the lighter particles are carried up out of
the bed by the product gas. Approximately fifty to seventy-five percent of the
incoming ash will be entrained in the hot product gases leaving the top of the
Winkler generator. The exact quantity entrained with a given gas velocity, is
primarily dependent upon the particle size distribution of the feed coal. Since
the height of the fluidized bed is relatively small compared to the total height of
the generator, the upper or major portion of the generator is available to
perform two other functions; firstly, to further gasify any entrained carbon
particles, and secondly, to effect a separation of any heavier solid material. To
aid this further gasification, a portion of the steam and oxygen is added to the
generator near the upper limit of the fluid bed.

The unreacted carbon in the discharged ash is a function of gasifier tem-
perature and coal reactivity. Generally, reactivity varies inversely with geo-
logical age, lignites being the most reactive.

Gas Coolir;g and Particulate Removal

The hot gases leaving the generator pass through the heat recovery train
where heat is removed from the gas by generating and super-heating high
pressure steam and preheating boiler feedwater. The hot Winkler product gas is
cooled to approximately 300°F in the heat recovery train. High pressure steam
in excess of that required by the process is generated and therefore available to
drive the product gas compressors and/or the compressors in the air separation
plant.

The heavier char particles leaving the bottom of the gasifier pass out of
the system and the balance of the char is carried out of the gasifier in the
overhead product gas. The bulk of this char is removed in the heat recovery
train and in cyclones. In combination, the heat recovery train and cyclones are
designed to remove approximately 85% of the entrained solids. The char thus
removed will be utilized as supplementary fuel in the boiler house. The gas from
the cyclone flows through the venturi scrubber where the remaining char is
removed to a level of 1 grain/1,000 SCF.

Production of Methanol

The methanol plant contains the following sections to process the raw gas
from the coal gasification plant:

1. Raw Gas Compression
2. Gas Shift Conversion

3. Acid Gas Removal
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4, Methanol Synthesis and Purification
5. Sulfur Recovery
6. Oxygen Production for Coal Gasification
7. Offsites
A description of each section is as follows:
Raw Gas Compression. The methano! synthesis is conducted at approxi-
mately 100 Ats. and it has been found that it is more economical to compress the
gas exiting the gasification unit prior to further processing. The cooled and the

dust free gas from the coal gasification section is compressed to 1480 psig in
steam turbine driven compressors.

Gas Shift Conversion. The purpose of the shift conversion step is to
adjust the ratio of carbon monoxide to hydrogen to that required for the
methanol synthesis according to the exothermic shift reaction:

COo+ HZO = CO2 + H2

An exit CO content of 6.4 volume percent in the shifted gas is achieved in
a one stage shift conversion reactor and a part of the compressed gas is by-
passed around the shift reactor, cooled and mixed with the cooled shift effluent
to yield an average CO content of approximately 20%. The compressed gas to
the shift reactor is mixed with the shift reaction steam to give a 1.0 ratio of
steam to the dry gas and preheated by heat exchange with the hot effluent gases
from the shift reactor prior to its introduction to the reactor which contains a
sulfur resistant catalyst. From the interchanger, the shift effluent is cooled in a
series of waste heat recovery exchangers.

Acid Gas Removal. The Rectisol process has been selected to remove the
acid gases as it has the advantage of using the plant product as the scrubbing
medium. This process was developed by Linde and Lurgi in Germany and plants
presently in operation have been designed by both companies.

The Rectisol process absorbs C0., and H.S from the shifted synthesis gas
stream using methanol. CQ, is rejected %o the atmosphere and a hydrogen sulfide
rich gas is available for the sulfur recovery in a Claus Plant. These streams are
obtained by selectively regenerating the methanol from the absorber in a two
stage regenerator system. Low pressure nitrogen from the air separation section
is used to strip carbon dioxide from the rich methanol solution in the. first stage
regenerator. Stripped solution from the first stage regenerator is stripped of its
hydrogen sulfide by a steam heated reboiler in the second stage regenerator. The
H_S stream flows to the Claus unit for sulfur recovery and the purified synthesis
ggs is now ready for methanol synthesis. The carbon dioxide content of the
synthesis gas is controlled by mixing a desulfurized side stream of high carbon
dioxide content from the absorber with the absorber overhead.
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Methanol Synthesis and Purification. The unique feature of this process is
the synthesis step, utilizing a copper based catalyst speciallyodevelopeg by ICI,
which gives good yields of methanol at low temperatures (410"F to 520 F). The
high activity of the catalyst at low temperature permits the reaction to be
carried out at pressures as low as 750 psig and is the key to the economy of the
process. By-product formation is minimized as a result of the low operating
temperature, thus leading to high process material efficiencies.

Final traces of sulfur are removed from the synthesis gas by a bed of zinc
oxide after preheating to desulfurization temperature. A bed of chloride catch is
also provided to prevent chloride poisoning of the synthesis catalyst. After
cooling, the make-up synthesis gas enters the synthesis loop at the inlet of the
circulator compressor. The mixture of unconverted gas and fresh make-up gas is
preheated to reaction temperature in the converter interchanger by the hot gases
leaving the converter. The methano! synthesis converter is a pressure vessel
containing a single bed of catalyst. Temperature control is effected by injecting
cold gas at appropriate levels into the catalyst bed.

The feed gas and the cold shot gas combine and react to form methanol as
they pass downwards over the catalyst. The converter exit gas is first cooled in

the converter interchanger and subsequently in the crude methanol condenser -

where the crude methanol product is condensed. Crude product is separated in
the high pressure separator. :

The non-reactive components of the make-up gas, methane and nitrogen
are purged from the synthesis loop between the separator and the point of make-
up gas addition and are subsequently used as boiler fuel.

The crude methanol collected in the separator is let down in a single stage
to the let down vessel and the resultant product passes to the distillation plant.
To provide some independent operation of the synthesis and distillation units, the
crude can alternatively be pumped to crude methanol storage.

Flash gas from the letdown vessel (mostly dissolved gases) is mixed with
the synthesis loop purge stream and used as fuel.

The crude methanol! is processed in a single column system to fuel grade
methanol, and the overall efficiency of the distillation system is expected to be
99% at the end of life conditions.

The upper section of the column removes the light ends, principally
dimethyl ether, methyl formate, aldehydes, ketones, and lower paraffin hydro-
carbons while the sections of the column below the feed tray is designed to
remove water. Fusel oil (predominately alcohols such as isobutanol) is purged
from a tray near the base of the column. In order to reduce organic and thermal
losses in the effluent water stream, the fusel oil is subsequently blended back
into the product fuel grade methanol. The fusel oil may be utilized as fuel if
chemical grade methanol is the desired product.
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Methanol product is removed from the top section of the column, cooled,
and pumped to storage.

Sulfur Recovery. Sulfur recovery will be accomplished in a standard Claus
unit equipped with a Wellman-Lord SO., recovery unit. The W-L system has been
included so that the tail gas leaving the plant will be in compliance with
environmental regulations.

Oxygen Production. The methanol plant of 5000 TPD capacity from coal
requires large tonnage oxygen for coal gasification and, hence, it is economical
to include an oxygen production unit in the facilities. Standard cryogenic air
separation units producing 1600 TPD of oxygen can be used. The by-product
nitrogen from this unit will be utilized in the plant for purging, char conveying
and rectisol unit methanol stripping.

Offsites. The offsites section consists of those facilities to provide all
services to the other sections. The major systems are water treatment, cooling
tower, boiler feedwater, and the coal fired high pressure boilers. The coal fired
boiler is a conventional pulverized coal boiler, but will also burn the purge gases
from the methanol loop and all of the dry char from the Winkler gasifiers. The
boiler package includes an electrostatic precipitator for particulate removal, but
does not include facilities to remove sulfur dioxide from the boiler flue gases.

Design Basis

Product Specifications

Fuel Grade Methanol

Analysis
Methanol plus organics, Wt. % 99.5 minimum
Water, Wt. % 0.5 minimum
Higher heating value, BTU/Ib. ) 9,725

Conditions
State Liquid
Pressure, psig 100
Temperature, F 110

Delivered to Battery Limits for storage

Raw Material Specifications

Coal
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Ultimate analysis, Wt. %

Water 16.50
Ash ’ ’ 18.87
Carbon 48.36
Hydrogen 3.6l
Nitrogen 0.86
Sulfur 0.57
Oxygen . : 11.23
Total 100.00
Higher heating value,
Dry, BTU/Ib. o 10,345
Ash softening point, “F 2,282
Ash melting poina-, F - 2,597
Ash flow point, "F 2,723

Raw Material, Utility and Product Rates

When producing the design 5,000 TPD of methanol (99.5% purity), the battery

limit flows for the unit herein described are as follows:

Imports

Coal
Process Coal M Ib/hr
Boiler Coal M Ib/hr

Total

Raw Water M Ib/hr
Electric Power MKWH
NaOH Ib/hr
Exports
Methanol ton/hr
Sulfur ton/hr
Wet char M Ib/hr
Boiler Ash M Ib/hr
Water Effluent . M Ib/hr

DAILY OPERATING COST DATA

Methanol Production, S Tons/Day

896
129

1,025
3,047
57
45

208
27

52
1,300

5,000

T N e -
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Unit. Cost /Da
Raw Water 1.5¢/1,000 1 1,097
Electric Power 1¢/KWH 13,637
Caustic. Soda 6¢/1B: 65
Total, $/Day 14.,799
Coal $3/S Ton 36,913
$6/S Ton: 73,825
$9/S Ton 110,738
$12/S Ton 147,650
$15/S. Ton: 18%,563

No credit has been. taken for sulfur production..

Economics

Using the design: just described, a capital estimate of the: facility was made
based on January 1975 prices and' the following overall economics were
calculated:

.

e e

Capital Cost, MM$ 270
No. Gasifier Trains &
No. Operators/Day (4 shifts) 80
$/Day
Maintenance Materials & Labor @ 4% 32,700
Taxes & Insurance @ 2.5% 20,500
Administrative Overhead @ 2.5% 20,500
Oper. Labor & $10,000/Manyear Z,400
Capitalization
Utility
- 65% Debt @ 10% 62, 500.
35% Equity @ 12% DCF 62,400

- Incl. 20 yr Straight

Line Dept.
Total Fixed Charges, $§/Day 201,000
Total Fixed Charges, $/ST MeOH 40.20
Total Direct. Charges, $/ST MetH 2.96
Coal 53/ST, §/ST MeOH 7.38
$6/ST, $/ST MeOH £4,77
$9/ST, $/ST MeOH: 22.15
$12/ST, $/ST MeOH 29.53
$15/ST, $/ST MeOH 36.91
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PRESSURIZATION OF THE WINKLER PROCESS

The Winkler process for the gasification of coal has provided gas for fuel
or power, for synthesis of methanol and ammonia, for Bergius-Hydrogenation,
and for the production of hydrogen in Europe and Asia when coal was the only
raw material available. All of those commercial installations were designed and
operated so that, after cooling and particulate removal, the product gas would be
delivered at nominally atmospheric pressure. The reason for the low pressure
operation was that, at that time, German regulations favored atmospheric
pressure plants, i.e., operating pressures above 1.5 ata (7 psig) created problems
in the areas of materials and government supervision.

In mid 1972, Davy Powergas undertook a study to determine whether or
not a Winkler gasifier operating under these proven conditions would be com-
petitive with other available technology. Within the accuracy of the estimates
made, none of the commercial processes appeared decisively better than any of
the others and hence, review was begun of the Winkler process to determine what
constituted its limitations for current U.S. conditions. It became rather obvious
that the biggest deficit was the low pressure of operation since the detrimental
effects of low pressure operation are threefold:

1. Large size equipment to handle the large volume of gas.
2. High capital cost attributable to the product compression station.
3. High daily operating cost of power for product compression

Process economic studies were conducted to find the optimum pressure
ranges and to assess the magnitude of savings attributable to pressure operations.
Three separate studies were completed as defined below:

Casel-  Effect of gasification pressure on the production cost of low/medium
BTU fuel gas using air/oxygen as the gasifying medium. The final
fuel gas is delivered at 210 psig, with a maximum of 100 ppm of
sulfur.

Casell - Effect of gasification pressure on the production cost of 5,000 STPD
of methanol.

Caselll - Effect of gasification pressure on the production cost of 1200 STPD
of ammonia.

The general conclusions were encouraging as outlined below.

1.  General Conclusions

|
|
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It may be concluded that an increase in gasifier operating pressure
results i n a decrease in the overall cost of product. It becomes
apparent that the greatest savings may be attributed to a decrease in
the number of gasification trains required for a given output.
Although there are significant savings in the compression require-
ments for the higher pressure case, the number of gasifiers remains
constant. Despite the fact that the size of each gasifier has de-
creased, the increase in cost of the higher pressure design outweighs
the net savings in compression, resulting in a slight increase in overall
production cost.

The greatest decrease in the number of gasifiers occurs between
20 psia and 43 psia, for example, the plant for the production of
5,000 ST/D of methanol would require 12 gasifiers at 20 psia as
compared with 8 at 43 psia.

From examination of graphs, it was deduced that the optimum op-
erating pressure for the gasifier, depending upon the final product,
lies between 120 and 180 psia. The one case which does not neces-
sarily follow these conclusions is the integration ot a Winkler system
with a combined cycle power plant. In this case the air compression
is provided by the gas turbine—-compressor system, and as a result,
the optimum gasification pressure is the highest permitted by the air
delivery pressure.

Methanol Systems

Figures 6 and 7 present the cost of producing 5,000 ST/D of methanol
from western sub-bituminous coal. Since methanol may be considered
either a bulk chemical, or a liquid chemical fuel, the production costs
reflect both typical utility financing (Figure 6) and typical industrial
financing (Figure 7).  Although there are but small savings in
production cost over the range of gasifier pressures of 43-213 psia,
the minimum production cost occurs at approximately 150 psia
generator pressure.

The improvement in capital and operating costs resulting from pressuriza-
tion is shown clearly in Figure 8 which also compares alternative processes such
as steam reforming and partial oxidation for the production of synthesis gas.
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